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ABSTRACT

The intrinsic kinetics and diffusion behaviour of methane steam reforming have been
investigated in this work. Measurements of effective diffusivities of the gases present in
methane steam reforming have been carried out by using the steady-state technique over
wide ranges of temperature and pressure in a modified Wicke-Kallenbach (W-K) type
diffusion apparatus. The effects of diffusion limitation on the reactions were examined at
atmospheric pressure in a pellet reactor; and the intrinsic kinetics of methane steam
reforming have been studied on a commercial nickel/alumina catalyst (ICI 57-4) in an
integral reactor. A simulation study has been carried out to determine the effects of
hydrogen removal on the performance of a membrane reactor and the catalyst activity for

methane steam reforming.

For the measurements of effective diffusivities, the temperature and pressure dependencies
of effective diffusivities of gases measured have been obtained, and the tortuosities of
pellets used for the gases measured have been estimated by using the parallel path pore
model. At ambient pressure, the temperature exponent values range from 1.0 to 1.25. This
indicates that the diffusion occurs in the transition region. At pressures up to 1MPa, the
diffusion lies mainly in the bulk diffusion region. The pressure exponent was generally less
than 1.0 with values lying between 0.4 and 0.85 except for gas-water vapour pairs where it
is close to 1.0. The tortuosities estimated for the pellets varied from 1.84 to 2.51 for

different gases at ambient pressure, but decreased with increase in pressure.

Using the pellet reactor that couples the diffusion and reaction for methane steam reforming,
experimental results, which were obtained over catalyst pellets without holes, show that the

diffusion rate of methane into the catalyst pellets almost totally controlled the reaction rate.



Under such diffusion limitation, other conditions did not show any apparent effects on the
reaction. For catalyst pellets that contained four holes, the diffusion limitation on reaction
was considerably reduced. However, catalyst activity did not play an important role in
affecting the reaction. It was found that the effects of diffusion limitation on the catalyst

pellet with a higher activity are greater than on catalyst pellet with a lower activity.

For the study of the intrinsic kinetics of methane steam reforming, the effects of
temperature, pressure, and ratio of steam/methane on reactions have been investigated
experimentally under condition of no diffusion limitation. The effects of total pressure on
initial reaction rates indicated that the rate controlling steps of steam reforming are surface
reactions between adsorbed species. The experimental results confirmed that both CO and
CO; are primary products of steam reforming. Six detailed reaction mechanisms were
considered by combining different adsorption behaviour of methane and steam on the nickel
catalyst. For methane steam reforming, accompanied by water gas shift on the catalyst used,
intrinsic rate equations were derived by using the Langmuri-Hinshelwood-Hougen-Watson
(LH-HW) approach and Freundlich’s non-ideal adsorption concept. Applying the method of
parameter estimation and model discrimination, the new model was determined and the
parameters in this model were determined as statistically significant and thermodynamically

consistent,

The influence of hydrogen removed on the catalyst deactivated by hydrogen sulphide
poisoning and carbon formation has been simulated for methane steam reforming in a
tubular catalytic reactor with a hydrogen permeable wall. The effects of the main variables
on H,S tolerance and the tendency to carbon formation on the catalyst have been

investigated. The simulation demonstrated that the hydrogen removed by the membrane



may cause more extensive catalyst deactivation with the H,S tolerance decreasing and the
tendency to carbon formation increasing as the proportion of hydrogen removal increased.
The simulation also showed that the benefit of using a membrane reactor may not be
achieved for feedstocks with a high H,S level when a high proportion of hydrogen is
removed. A higher applied pressure and a more efficient desulphurisation technique need to
be employed to compensate for the influence of significant hydrogen removal on the
catalyst activity for methane steam reforming in a membrane reactor operated at low

temperatures.



CHAPTER 1 GENERAL INTRODUCTION

Catalytic steam reforming of hydrocarbons has grown during the last six decades into one
of the world’s great catalytic processes. It is of major economic significance since the
products from it form the feed for a number of other major processes. Ammonia synthesis
is still the largest consumer of synthesis gas, but the growing interest in C; chemistry, in
large-scale conversion of natural gas into liquid products, and in the increasing availability
of light hydrocarbon and natural gas around the world has created a need to explore the

limits of the reforming technology to make it more cost effective.

It is well known that the reformer represents the ‘heart’ of the steam reforming process.
This item of equipment is expensive and account for more than 50% of the total cost of the
process due to the high temperatures and pressures necessarily applied. Therefore, one of
the most important factors in determining the capital cost of the process is the design of the
reformer. The process economy would be greatly improved if the process could be run
under optimum operating conditions that change with change in feed composition or
desired products. The optimum operating conditions can be determined most readily by the
simulation of the reformer. Both the design and the simulation of the reformer are based on
four elements, i.e., reaction kinetics, and transfer of mass, heat and momentum. Hence, a

thorough understanding of these four elements is essential for any process optimisation.

In this thesis, attention is focussed on the two important aspects namely the intrinsic
kinetics and mass transfer in the catalyst particles for steam reforming of methane on a
commercial nickel catalyst (ICI 57-4). The main objectives of this study were to derive the

intrinsic kinetics of methane steam reforming over the catalyst used, to obtain reliable



values of the effective diffusivities of the gases present in methane steam reforming, and to

examine the effects of diffusion limitation on the reforming reaction.

Organisation of the thesis:

Chapter 2 presents a review of the literature of steam reforming. It is divided into three
sections: the first section presents a review of early published papers on the kinetics and
catalyst development for steam reforming, the second section is concerned with the
literature on the reaction kinetics from 1950 to date; the last section gives a brief survey on
the catalyst deactivation by sulphide poisoning and carbon formation, recent developments
for increasing the catalyst stability, and attempts to apply new reactor configurations (e.g.,

catalytic membrane reactors) for methane steam reforming.

Chapter 3 reviews the diffusion literature and that for effective diffusivity measurement.
The emphasis of the review is to describe the various theories of gas diffusion in porous

solids and the associated methods of effective diffusivity measurement.

Methane steam reforming is a very typical heterogeneous gas-solid catalytic reaction.
Relatively large sizes of catalyst pellets are used in order to minimise the pressure drop in
the catalyst tubes during the process. Hence, diffusion of the reactants and products in the
catalyst plays an important role in this reaction. Reliable values of the effective
diffusivities of these gases are necessary to facilitate an understanding of the reaction
kinetics of methane steam reforming. The experiments made and a discussion of effective
diffusivity measurements obtained are described in Chapter 4. The effects of temperature

and pressure on effective diffusivity were investigated.



An attempt to probe the effects of diffusion limitation on the methane steam reforming for
catalysts of different activities and shapes is given in Chapter 5. The experimental

measurements were carried out in a single pellet reactor.

A change of catalyst composition changes not only the values of the parameters of the
kinetic model but also changes the model formulation through a change in the mechanism.
Hence, it would be very useful for industrial practice to study specific kinetic mechanism
of methane steam reforming for a given catalyst. Experiments of methane steam reforming
in an integral reactor under the elimination of diffusion limitation and the derivation of
kinetic model for a specified commercial catalyst (ICI 57-4) are presented in Chapters 6

and 7, respectively.

The influence of hydrogen removal on catalyst deactivation and on the performance of a

membrane reactor for methane steam reforming is simulated in Chapter 8.

Finally, Chapter 9 gives the conclusions from this study and recommendations for future

work.



CHAPTER 2 REVIEW OF LITERATURE ON METHANE

STEAM REFORMING

2.1 Introduction

The catalytic reforming of hydrocarbons in the presence of steam has been developed in
the last sixty years into one of the most important industrial processes which provides
different types of gas products for other processes. Ammonia, methanol, Fischer-Tropsch
synthesis, hydrogen for petroleum refining, reducing gas for metal ores and town gas are
the worldwide consumers of the product from catalytic steam reforming reactions. Among
these processes, ammonia production consumes a very large proportion of the hydrogen
produced from hydrocarbon steam reforming. Because of the increasing availability of
light hydrocarbons and natural gas around the world and the increasing demands for
synthesis gas and hydrogen, the catalytic reaction of steam reforming has been extensively
investigated. Since hydrocarbons and natural gas are made up of a number of components,
the reaction mechanism of the reforming process is extremely complex. Under industrial
process conditions, higher alkanes, such as C;Hs, C3Hs etc., give very fast and complete
conversion of the feedstock with methane as the only surviving alkane in the product. A
general observation which has been made when reforming higher alkanes is that, provided
the contact time is long enough, the exit gas composition is that which approximately
corresponds to the chemical equilibrium involving only methane steam reforming. Based
on these facts, most research work on the kinetics of the steam reforming and the
modelling and simulation of the reformer have been carried out with regard to methane

steam reforming.



Therefore in this chapter, a review of the steam reforming process is mainly concerned
with methane steam reforming. The chapter is divided into three sections; the first section
briefly reviews the early kinetic studies and catalyst development for methane steam
reforming; the second section discusses the kinetic investigations of methane steam
reforming from the 1950s to up to date; finally, some recent studies on the catalyst and the
particular application of a membrane reactor for methane steam reforming are given in the

final section.

2.2 Early Kinetic Studies and Catalyst Development for Methane Steam Reforming.

The steam reforming process converts hydrocarbons into hydrogen, carbon dioxide, carbon
monoxide, and methane in various proportions depending on the reaction conditions
dictated by the end use of the gas mixtures desired. The pertinent stoichiometrical

equations describing the system are:

C.Hn + n H;0=n CO + (n + m/2) H, 1)
CO+H,0=C0O,; +H; (2)
C.Hy, + 2n H;0 = n CO; +(2n + m/2) H, ?3)

For higher hydrocarbons (n > 2), it is assumed that the hydrocarbon is chemisorbed on a
dual site followed by successive scission of the carbon-carbon bonds. The resulting Ci-
species react with adsorbed steam as the methane steam reforming reaction (Rostrup-

Nielsen, 1984).

Light hydrocarbons and specifically methane tend to be stable molecules, due to their
chemical stucture. Since the reaction of hydrocarbon with steam has to break its C-H

and/or C-C bond to produce permanent gases of hydrogen, carbon dioxide, and carbon



monoxide, a high temperature and catalysts are necessary for the reaction to proceed.
Hence the developments of appropriate catalysts have been given a very high priority in
early investigations of hydrocarbon steam reforming. Van Hook (1980) gave a brief state
of the art summary in the area of steam reforming prior to the 1930s. Hydrocarbon
interaction with catalytic metals was observed in 1817 during the development of the mine
safety lamp, and the production of hydrogen when hydrocarbons and steam are passed over
calcium oxide was described in 1868. The application of nickel for this process was
claimed in 1889. A steam reforming patent (British patent, 1927) claimed low operating
temperature conditions by using catalysts of iron, cobalt, or nickel promoted with chromia,
vanadia, alkali, or alkaline. Based on the experiments before the 1930s, catalysts of
supported nickel or cobalt were rated as the best materials. Using nickel catalysts,
theoretical values for equilibrium in the methane steam reforming reaction were verified in
1924, and experimental demonstrations of the effect of temperature and pressure on system
equilibrium were reported in 1931. Intraparticle diffusion limitation and severe catalyst

deactivation were also encountered in this period.

In 1933 Fujimoto (from Van Hook, 1980) reported on methane steam reforming and
methane decomposition over a broad temperature range of 673 to 1273 K using reduced
nickel foil and a 90% nickel-alumina catalyst at atmospheric pressure. For steam reforming
at a steam/carbon ratio of about 2.5 and constant feed rate conditions, equilibrium methane
conversions were achieved using both catalysts. However, increasing the temperature
beyond 866 K with nickel foil resulted in a serious loss in activity with a methane
conversion of only a few percent being attained between 977 and 1172 K. The nickel foil
had been seriously damaged with carbon above 866 K, whereas the 90% nickel-alumina

catalyst withstood 250 hr of operation at 973 K and maintained the equilibrium conversion.



Ipatieff et al (1950) examined various catalysts for methane steam reforming in the 755-
1089 K range, at 1 and 18 bar pressure for steam/methane ratios of 5, 11,and 30. Among
the catalysts based on copper, iron, cobalt, nickel and several combinations of these metals,
nickel on Kieselguhr catalysts showed high activity. Life tests indicated that a 7.4%
copper, 65%nickel on Kieselguhr was the best and showed the beneficial effect of copper
promotion on the life of the catalyst. Operating pressure, even at steam/methane ratios

beyond 30, severely affected catalyst life, especially the nonpromoted nickel catalyst.

From their experiments on the activities of nine commercial catalysts for the steam
reforming of methane at atmospheric pressure and a steam/methane ratio of 2.5, Arnold et
al (1952) found that catalysts with higher nickel content generally had higher activity.
Attempts to undertake experiments at 1422 K resulted in rapid plugging of the reactor with

carbon and all catalysts were seriously damaged at 1338 K.

Pioneering attempts to develop sulphur-resistant steam reforming catalysts were carried out
by Sabastian and Riesz (1951). Supported nickel, cobalt, molybdenum, chromium, and
combinations of these metals were tested. Using their best sulphide nickel on silica catalyst
(N/Si = 1/3 atom ratio), they achieved a high rate of propane conversion in the presence of

2500 ppm H,S at the lowest temperature studied (922 K).

A reasonable mechanistic scheme, based on Fujimoto’s data for nonporous nickel foil (A)
and high activity porous nickel-alumina catalysts (B) was suggested by Van Hook (1980)
as follows;

(A) Methane decomposition/steam reforming on nonporous foil:
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where the intermediate concentration = £, Py, / Py, and ko > ki > ks;

(B) Methane/steam reaction on porous catalyst with diffusion limitations:
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where ky is the internal pore diffusion rate constant.

Fujimoto’s data also indicated that methane steam reforming could be approximated by
reversible first order kinetics over both catalysts. An Arrhenius plot of methane
decomposition (thermodynamic equilibrium used on the basis of carbon, as graphite, at
unit activity) for the nickel foil gave an excellent straight line from 977-1172 K with an
apparent activity energy of 181 kJ/mole. However, an activation energy of only 22 kJ/mole
was obtained for methane decomposition over the nickel-alumina catalyst in the 672 to 866
K. This means that the serious intraparticle diffusion limitation greatly reduced the

apparent activation energy.



Experiments were performed for the CHa/steam and CH4/CO2 reforming reactions using
finely divided copper on silica in a fluid bed, and early mechanistic suggestions were
developed by Lewis et al (1949). They indicated that the kinetics show first order
dependence in both steam (or CO;) and methane. The poor performance of copper as a

catalyst was confirmed by the low conversion rates of 0.01 to 0.03 moles CH4 converted

/(g cat hr pg ) at 1089 K. Noteworthy in this early work for both CO, and steam

reforming of methane is the high activation energy of 200kJ/mole for finely divided

catalyst and the appearance of inhibition terms of CO,, H,0, H; in the rate expressions.

Reversible first order (in methane) kinetics were also given from Amold et al.’s studies
(1952). Based on their experiments at various space velocities and temperatures between
977 and 1089 K using 16/20 mesh 6% nickel on alumina/silica at atmospheric pressure, an
activation energy of at least 140 kJ/mole was suggested. However, a lower activation
energy of 60.6 kJ/mole was obtained from the experiments using 7/16 x 7/16 in. extruded
catalyst (24% Ni on Ca/SiO/Al,0;). This is probably the earliest published result showing

a change of activation energy with a change in catalyst particle size.

From pilot plant investigations and thermodynamic calculations, Reitmeier et al (1948)
produced plots and equations which make possible the selection of reacting mixtures of
light hydrocarbons, steam, and/or carbon dioxide to produce synthesis gas having a wide
range of compositions without the deposition of carbon on the catalyst. Additional plots
make possible the selection of reacting compositions to produce synthesis gas of any
desired composition. Their results also demonstrated the importance of selecting

equipment and operating conditions that assist in preventing carbon deposition on the

catalyst.
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Since early studies were limited because of the analytic equipment available, it was
difficult to investigate the kinetic mechanism of methane steam reforming and to reveal the
reasons for catalyst deactivation in more detail. However, the main questions relating to
steam reforming had been answered, including the reaction order with respect to methane,
catalyst deactivation due to carbon formation and sulphide poisoning. It was also
established that nickel was the best catalyst for steam reforming, and that alumina and

magnesia were uniformly superior supports for the nickel.

2.3 Studies of the Kinetics of Methane Steam Reforming

The kinetic mechanisms of methane steam reforming on a nickel catalyst have been
extensively studied for various catalysts by various means, and a large number of rate

equations has been reported in the literature since the 1950s.

Akers and Camp (1955) performed the first extensive study of the kinetics of methane
steam reforming. The work was carried out in an integral reactor at atmospheric pressure
and a temperature range of 613 to 911 K using commercial 1/8 inch pellets of nickel
supported on Kieselguhr. The study did not suggest any mechanism, but they found that
the reaction rate is first order with respect to methane with no dependencies on other
reactants and the rate controlling step was stated to be the dissociative adsorption of
methane, On the basis of thermodynamic analysis and their experimental results, they
concluded that reactions (1) and (3) are the primary reactions, i.e. both CO and CO, are
primary reaction products, and if reaction (2) is proceeding, the rate of this is slower. Thus

both steam reforming reactions producing CO and CO;, (1) and (3) are involved rather
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than one with the other product being produced through the reaction (2). The lower
reaction rate constant and an apparent activation energy of 36.8 kJ/mol reported by the

authors suggest the possibility of diffusion limitation in this study (Van Hook, 1980)

Following Akers and Camp’s work on methane steam reforming, Bodrov et al (1964, 1967,
and 1968) performed a series of systematic studies on the reaction of methane and steam
using nickel foil as catalyst in order eliminate the bias due to pore limitation, and also used
porous nickel catalysts of various sizes in order to investigate any pore diffusion
limitations. They found that there is a certain correlation with the partial pressures of CO,
H,0, and H,, and their influence varies with temperature:
(a) for673 K<T<773K

r=kPy, /Py, 2.1)
(b) for 773K <T<873K

7

-y
PH2

r with E= 151 kJ/mol 22)

(c) for873K<T<1173K

kPey,

r= with E= 82.1 kJ/mol 23)
1+ab, o/ Py, +bFy

These forms of rate equation suggest that the inhibition due to Hz, which is a product,
decreases with temperature increase. When the temperature is higher than 973 K, as the H;
concentration increases, the rate of reaction increases and so indicates some kind of
autocatalysis. Since hydrogen is a product of a reversible reaction it is more appropriate
that the increase of hydrogen concentration will decrease the rate through

(1) the reversible reaction step.

(2) hydrogen adsorption to decrease the concentration of vacant active sites.
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The rate equation (2.3) was derived from the following mechanism

CH, + s — CHa(s) + H; (2.4)
H,0+s=0(s) + H; 2.5)
CHy(s) +O(s)= CO(s) + 2H, + s 2.6)
CO(s) =CO +5 @2.7)
CO +0(s)=CO, +s5 2.8)

Where s is an active site of the catalyst. Based on their study, Bodrov et al proposed that at
lower temperatures (673-873 K), the rate controlling step is the surface reaction between
the adsorbed oxygen and the adsorbed CH, radical, while at higher temperatures the rate
controlling step is methane adsorption and partial dissociation on active nickel. Their study
also implies that the reaction is of first order with regard to methane, and only CO is a
primary product of the reactions, whereas CO; is possibly produced through the water gas

shift reaction. The latter contradicts the conclusion reported by Akers and Camp (1955).

Dependence of the extent of the methane steam reforming reaction upon the partial
pressures of methane, hydrogen, and water was investigated by Agnelli et al (1985). The
experiments were accomplished over an alumina-supported nickel catalyst at atmospheric
pressure and a temperature range of 915 to 1010 K in a flow reactor. A conclusion that the
reaction is of first order with respect to methane was given, since in their experiments the
extent of reaction did not depend on the inlet concentration of methane. They also noticed
that the extent of reaction increases as hydrogen partial increases at 915 and 980 K,
whereas at 1010 K the variation of hydrogen partial pressure has no effect on the extent of
reaction. A mechanism differing from Bodrov’s was proposed, which assumed that
adsorption of methane occurred with complete dissociation to the carbon atom.

CH4 + 7s = C(s3) +4 H(s) 2.9
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4H(s)=2H, +4 s (2.10)
H,0 +5s=0(s) + H, (2.11)
C(s3) + O(s) = CO(s) + 3s (2.12)
CO(s)=CO +s (2.13)
CO(s) + O(s)=CO, + S (2.149)

By postulating that methane adsorption with dissociation was the rate controlling step, one
rate equation was derived as follows:

kP,
s (2.15)

r=

7
P
(1 +Ky o % + KCOPCOJ

H,

where K, ,and Kco are adsorption coefficients.

Their mechanism also implies that carbon dioxide is produced through adsorbed CO
reacting with adsorbed oxygen, and is not a primary product originating from methane
directly. It was found that different reduction and oxidation treatment of the catalyst had no
influence on the extent of reaction, i.e. on the catalyst activity. This observation differs
from Bartholomew’s (1976, 1980). The activation energy of 184 kJ/mol obtained indicates

that the experiments were carried out under conditions with no pore diffusion limitation.

Ross and Steel (1972) studied the mechanism of the steam reforming of methane over a
coprecipitated nickel alumina catalyst (75Ni %) in powder form (250-335 pm). The

reaction was carried out at low total pressures (0-10 mm Hg), in the temperature range of

773-873 K and at a low steam/methane ratio (2.0-0.2). The kinetics obtained fitted the

following expression;
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kPey,

X;
Iy H,0

r= (2.16)

This rate equation shows a first order reaction with respect to methane, and no inhibition
due to products. The dependence on steam (which is a reactant) is of negative order (-0.5).
This is most probably due to competitive adsorption between methane and steam for the

active sites. The authors proposed the following mechanism

H,0 + s = OH(s) + 0.5 H, 2.17)
CH, + s = CHy(s) + (4 —x)/2 H, (2.18)
CH,(s) + OH(s) = CO + (1+ x)/2 H, (2.19)

where step (2.18), the adsorption-dissociation of methane, is the rate controlling step. In
this case the very low activation energy (28.9 kJ/mol) indicates that they worked under the

pore diffusion limitation zone due to the high activity of the catalyst (75 Ni %) used.

Experiments on methane steam reforming were performed over 3/16 inch pellets of a
Ni/alumina catalyst in a continuous stirred tank reactor at 1-2 atm and 623-723 K (Quach
and Rouleau, 1975). Based on the assumption that the rate controlling step is reaction
between the surface adsorption of methane and the steam in the gas phase which produces

adsorbed hydrogen and CO; in the gas phase, they suggested the following equation:

4

I
K P B )

4 H0

r= P (2.20)
1+ Koy, P,

Their postulated equation contradicts the results of other investigators (Leach et al., 1980;
Schouten et al., 1979) which suggest complete dissociation of the adsorbed methane,
together with the assumption that the reaction occurs between adsorbed methane and steam

in the gas phase. The denominator of the rate equation implies none or very weak
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adsorption of CO and Hj, while in fact CO and H; are usually strongly adsorbed on a

nickel catalyst with competition between these products (Kester and Falconer, 1984).

Using a recirculation reactor at 1 bar and 973-1173 K with a Ni commercial catalyst of size
0.25-0.63 mm, Kopsel et al (1980) found that the reaction rate is first order with respect to
methane, while hydrogen indirectly inhibits the reaction and steam promotes the reaction.
By assuming that methane adsorption is the rate controlling step, the rate equation was

given as

kP
r =—"”4P— (221
1-11.6-72

Hy

The authors did not report any diffusion limitation in their results. The activation energy
for the temperature range of 973-1173 K was found to be 146.5 + 20.9, which suggests the

absence of diffusion effects. A question would be raised from the rate equation reported:

P
when the term value of 11.6 —22 is larger than one, the denominator will be negative.

H,

This means that the rate equation can only be applied to a case of a very high hydrogen

concentration in the feed.

Natural gas steam reforming was studied by Atroshchenko et al. (1969) using an integral
reactor under pressures of 2 to 6 bar and in the temperature range 873-1023 K. A
commercial catalyst GIAP-3 (containing Ni supported on alumina) was used with particle
sizes of 3-4 mm and a surface area of 5 m*/g. Atroshchenko suggested the following
mechanism

H,0 +s=0(s) + H, (2.22)

O(s) + CHy4= CO +2H; + s (2.23)
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This mechanism assumes that first step is very rapid and the second step is the rate
controlling step, which could proceed in a series of consecutive chain reactions. An

expression was given to calculate the reaction rate at a close approach to equilibrium as

follows.

(2.24)
KpF, CH4P H,0

_ kPCH..PHzo (1_ PcoP;'z J
Pore diffusion limitations were not examined. The apparent activation energy was
determined to be about 93 kJ/mol, which indicates the experiments were carried out in the
transition region between intrinsic kinetics and strong pore diffusional controlled kinetics.
Analysis of the rate equation shows that it takes into consideration the reversible reaction
step in steam reforming. The rate equation also implies that the forward reaction is first

order with respect to methane and steam, and inhibited by hydrogen. The reversible

reaction is independent of the methane concentration, and is second order in hydrogen and

first order in CO.

The effect of the support on the reaction kinetics of methane steam reforming was studied
recently by Al-Ubaid (1984). The experiments were carried out on nickel supported by
different materials (in powder form) at atmospheric pressure within the temperature range
723-823 K. These supports had a wide range of acidity. The results obtained showed that
the support has a major effect on the reaction rate functionality of the reactants. A positive
order for steam was found on the acidic support (Y-zeolite), whereas a negative order for
steam was produced with a less acidic support (Ni/spinel). Of course, these results cannot
be generalised since for a negative order of steam this dependence cannot extend over the
whole range of concentration because steam is a reactant. At the same time, they found that

the reaction order with respect to methane is decreased with support acidity. However, the
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dependence on hydrogen is not affected by the support type, indicating the absence of
hydrogen competition with the reactants for the reduced nickel sites. For the less acidic

support, the following mechanism was proposed

CHy + s = C(s) + 2H, (2.25)
H;0 +s=0(s) + H; (2.26)
C(s) + O(s) = CO(s) + s (2.27)
CO(s) + O(s) = CO, + 2s (2.28)

Assuming the rate controlling step is the surface reaction between the adsorbed carbon and

oxygen to produce carbon monoxide, the rate equation for above mechanism is

kP, P,
r= a0 - (2.29)
P P P, P
P§2[1+Kl—cf‘ +K,- 2% L g, “OEe
P H, F, H, by H,0
furthermore, if
P P, P P
14K, —++ K, -2 2 << g “HO
H, H,0 F H,
the following simplified rate expression is obtained
k°P,
r=—=0 (2.30)
Iy HZOP H,

This mechanism implies that carbon dioxide is not a direct primary product from methane,
but is produced from reaction between adsorbed CO, which is a primary product, and

adsorbed oxygen.

A bifunctional mechanism was suggested by Al-Ubaid (1984) for the highly acidic support
H,0 + Support = H,O(support) (2.31)
CH, +s = C(s) + 2H2 (2.32)

C(s) + H2O(support) = HCO(s) + 0.5 H; + support (2.33)
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HCO(s) + H2O(support) = HCOO(s) + H; + support (2.34)
HCOO(s) =CO, +0.5H; + s (2.3%5)

The overall rate equation obtained by assuming step (2.35) as the rate controlling step is as

follows
kP, P:
r= P v > PP (2.36)
P,’;’f(l +K, = 4 K, - Fe 0 4 g P 0
PH 2 PH 2 PH 2
If the following inequality is satisfied,
K, o Lo 14k Lo +K. fon Lo
25 1 3 P3.5
H, H, H,
the following simplified rate equation can be obtained
P
r=k->22 (2.37)

H,
Based on the mechanism postulated by author, this suggests that carbon dioxide is a
primary product from methane, whereas CO would be produced from the reverse water gas
shift reaction. Comparing the two mechanisms reported by Al-Ubaid above, one
conclusion is that the properties of the support affect the formation of primary products,

and also changes the mechanism of steam reforming.

On the assumption that desorption of products was the rate controlling step, a kinetic
mechanism and rate equations for methane steam reforming were derived by Allen et al
(1975). The experiments were carried out over a commercial nickel catalyst (G-56B) of
3/16x3/16 inch pellets in a fixed bed integral reactor at a temperature of 915 K and six
levels of pressure from 1 to 18 bar. By analysis of the correlation of conversion data at
different pressures, they concluded that the overall rate is controlled by a step involving

desorption of products due to the initial rates of reaction and which appears to be
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independent of the total pressure. To derive the rate equations, the following mechanism

was proposed

H;0 + s = H;0(s) (2.38)
CH, + H,0(s) = CO(s) + 3H, (2.39)
CO(s) + H20(s) = CO(s) + H, (2.40)
CO(s)=CO +s (2.41)
COx(s)=CO, +S (2.42)

Applying the method of Hougen and Watson, and assuming desorption of CO and CO, as

the rate controlling steps, they derived the rate expressions as follows

P P
kco[PcmPH,o -2 }
P1
r., = (2.43)
“ 3 PCH4PH20 CH,,PHIO
PH2 ( +K1PH20 +K, +K, )

3 4
PH 2 PH 2

P P}
k(:o2 [Paupfizo - _C%]

_ P3
Teo, =

(2.44)

P_P P.. P2
Py 1+KP, , +K, He H0 4 g, “He Ha0y

P 4
It is worth noticing that there is a big difference from the results of other investigators
reviewed above, in which methane does adsorb on the catalyst, whereas the present results
propose it is present in the gas phase and reacts with adsorbed steam. Methane adsorption

with dissociation on the nickel catalyst has indeed been confirmed by many investigators

so their proposed mechanism could hardly be accepted.

Numaguchi and Kikuchi (1988) studied methane steam reforming in an integral fixed bed
reactor over a nickel catalyst at temperatures varying from 674 to 1160 K, pressures

ranging from 1.2 to 25.5 bar and steam/methane ratios in the feed between 1.44 and 4.5.
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By assuming surface reactions to be the rate controlling steps for steam reforming, they
proposed hybrid rate expressions of Langmuir-Hinshelwood form and power expressions
based on the Freundlich adsorption rate expression. No details of mechanisms were

suggested in their paper. For reaction (1), in which reaction between methane and steam

produces CO and H,
= k](PczuPH,o ;5}9);:01);, /K,,,) (2'45)
P, H,0
For reaction (2), i.e., the water gas shift reaction
r,=k, (PCOPHZO - PCOZPH1 /Kp,) (2.40)

From equations (2.45) and (2.46), the positive reaction order with respect to steam is found
in both equations, and hydrogen retards the reaction rates via backward reaction and not
via the competitive adsorption with other reactants. Only CO is a primary product as
suggested. The activation energies for reaction (1) and (2), which are 106.87 kJ/mol and
54.53 kJ/mol, respectively, were determined by the calculation of mass and heat balances
considering interphase diffusions by using a numerical method based on the non-linear
two-point boundary value problem. Their results suggest that best way to probe the
mechanism of methane steam reforming is by combining the Langmuir ideal adsorption
theory and the Freundlich adsorption concept to determine the mechanism of methane

steam reforming.

In the study by De Deken et al (1982), great care was taken to eliminate the diffusion
limitation while still working at the near industrial conditions of 823-913 K and 5 to 15
bar. The experiments were performed over a commercial catalyst (Ni/aAl,03) in a tubular
reactor operated in the integral mode and at steam/methane ratios of 3 to 5. Molar ratios of

hydrogen to methane in the feed were maintained between 1.0 and 2.25 during the
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experimentation to avoid any carbon deposition or reoxidation of the catalyst. The

following mechanism was suggested

CHs+s=C(s) + 2H, (2.47)
H,0 +s=0(s) + H, (2.48)
C(s) + O(s) =CO(s) +s (2.49)
C(s) +20(s) = COx(s) +2s (2.50)
CO(s)=CO +s (2.51)
COy(s)=CO; +5 (2.52)

The authors chose the two necessary conversions for defining component composition to
be the total conversion of methane and the conversion of methane into carbon dioxide.
After discrimination over 150 Hougen-Watson based models, the following rate

expressions were obtained

(2.53)
T B +KooRo)
k 2 PCO: f‘; 2 J
) ~ CO. CH4" H,0 KP3 (2 54)
o Pf; (1 + KCOI)CO)3 .

where Kp; and Kps are the equilibrium constants for the reactions producing CO and CO,,
(i.e., reactions (1) and (3), respectively), kco and kcoz are the corresponding reaction rate
constants and Kco is the adsorption constant of CO. They concluded that the rate
controlling steps are the surface reactions between adsorbed carbon atoms and adsorbed
oxygen atoms from complete dissociation of methane and steam, and that CO, and CO are

formed simultaneously. However, the mechanism excluded the water gas shift reaction.
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A more general intrinsic kinetic model was developed by Xu and Froment (1989).
Experimental temperatures were in the range of 773-848 K for methane steam reforming
and 573-673 for the reverse water gas shift reaction, respectively. Other experimental
conditions were pressures from 5-15 bar, a steam/methane ratio of 3-5 and a
hydrogen/methane ratio of 1.25. Operation was in the integral mode and the catalyst used
was a commercial nickel catalyst supported on magnesium spinel with 15.2% Ni. The two
main reactions of steam reforming together with the water gas shift reaction were taken
into consideration by these authors. A large number of reaction mechanisms were tested,
first from thermodynamic considerations and then by model discrimination and parameter
estimation procedures. None of the reactions was taken to be at equilibrium.
Thermodynamic analysis suggested that neither the direct production of CO, from CO, nor
the independent parallel production of CO and CO; from CHs, were likely to occur alone.
Based on the mechanism of an adsorption/surface reaction/desorption model in 13 steps
with intermediates of CH,O and CHO, and assuming that the surface reactions were the

rate controlling steps, the following equations were obtained

P
klp. p -9
1(@31{20 KP]J

= 2.55
! P,if (deny (2.33)
P_P

& [PCOPHZO Czpzﬁ2 ] (2.56)

r, = )
=T oy
PP}

k3[PCH4PI;zO - C;PSHZ J (2 57)

= P;'f (a'en)2 ‘
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The 13 step mechanism used suggests a competition for the active sites between methane
and steam, and thus leads to the functional dependence of the rate of reaction shown above,
which can give non-monotonic dependence of reaction rate upon the partial pressure of

steam and methane (Elnashaie, et al 1990).

Soliman et al (1992) studied the intrinsic kinetics of methane steam reforming in an
integral reactor over a Ni/Ca aluminate spinel catalyst developed in-house at 748-823 K
and 1-3 bar. A mechanism similar to Xu and Froment’s was suggested, and the final rate

equations were determined by model discrimination as follows:

=0 (2.58)
P._P
kz(Pc‘OPHZO - CI? & J
r F2 2.59
: PHZ: (deny 239)

(2.60)

P,
Where den=1+K P, +K H;O%' This model implies that for the catalyst used the

Hy
primary product is carbon dioxide, which is then converted to carbon monoxide by the
reverse water gas shift reaction. This is in contradiction to many previous investigations
where the product was considered to be carbon monoxide. The authors accredited this

difference as due to the different catalysts used.

Among the results of kinetic studies selected here on methane steam reforming, there is a
general agreement that the reaction is first order in methane. However, there are quite

different conclusions on the initial products, the rate controlling steps, the dependence of
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the reaction rate upon the steam and hydrogen and the behaviour of steam and methane on

the catalyst.

Seven investigators (Bodrov et al., 1967 and 1968, Agnelli et al., 1985, Ross and Steel,
1972, Atroshchenko et al.,, 1969, Al-Ubaid, 1984 (for less acidic support), Allen et al.,
1975, Numaguchi et al., 1988) reported that carbon monoxide only is a primary product,
while some investigators (Quach et al., 1975, Al-Ubaid 1984 (for high acidic support),
Soliman et al.,1992) suggest that carbon dioxide only is a primary product. Akers and
Camp (1955), De Deken et al. (1982) and Xu and Froment (1989) reported that both

carbon dioxide and carbon monoxide are primary products.

The conclusions on the rate controlling steps can be roughly grouped into two categories.
Surface reactions between adsorbed steam (or adsorbed oxygen) and adsorbed carbon (or
adsorbed CHx- an adsorbed intermediate) are the rate controlling steps, reported by Bodrov
et al. (1968), Atroshchenko et al.(1969), AL-Ubaid (1984), Numaguchi et al.(1988), De
Deken et al.(1982), Xu and Froment (1989), and Soliman etal. (1992), whereas that
methane adsorption with partial/complete dissociation is the rate controlling step was the
view shared by Akers and Camp (1955), Bodrov et al. (1964, 1967), Agnelli etal. (1985),
Ross and steel (1972), and Kospel et al. (1980). The only exception is that of Allen et al.

(1975) who suggested that the desorption of products is the rate controlling step.

From the literature review on kinetic studies of methane steam reforming above, the
different possibilities for steam and methane reaction on the catalyst were postulated.

Steam:
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(a) The steam reacts while in the gas phase. This means that it is not adsorbed (Quach et al.
1975)
(b) Steam is adsorbed with dissociation on the catalyst (Bodrov et al., 1967, Atroshchenko
et al., 1969, Agnelli et al. 1985, De Deken et al., 1982, Xu and Froment, 1989, Soliman et
al., 1992):

H;0 +s=0(s) + H;
or according to Ross and Steel (1972)

H,0 + s = OH(s) + 0.5 H;
(c) Steam is adsorbed on the catalyst (Allen et al. 1975, Al-Ubaid, 1984)

H,O+s= HzO(S)

Methane
(a) Methane reacts while in the gas phase (Allen et al., 1975), i.e. it is not adsorbed on the
catalyst.
(b) Methane is adsorbed on the catalyst (Quach et al. 1975)

CHs+ s = CHu(s)
(c) Methane is adsorbed on the catalyst with dissociation into H, and CH; or C (Bodrov, et
al., 1967, Ross and Steel, 1972, Al-Ubaid, 1984, De Deken et al., 1982, and Xu and
Froment, 1989)

CH,; + s = CHx(s) + H;

or CH4 +s=C(s) +2H;

Different conclusions on the dependence between steam partial pressure and the reaction
rate can be derived from literature reviewed above. Two investigators (Akers and Camp,

1955, Bodrov et al. 1967) reported zero order dependence of the rate of reaction upon
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steam partial pressure, six reported positive order dependence (Quach and Rouleau, 1975,
Atroshchenko et al. 1969, Kospel et al.,, 1980, Al-Ubaid, 1984, De Deken, et al. 1982,
Numaguchi et al., 1988), and four reported negative order dependence (Bodrov et al.
1967,Ross and Steel, 1972, Al-Ubaid, 1984, and Agnelli, et al. 1985), whereas the non-
monotonic dependence of the reaction rate upon the partial pressure of steam was given by

Allen et al. (1975), Xu and Froment(1989), and Soliman et al.(1992).

Since the study of the kinetics of the methane/steam reaction was carried out with catalysts
of different compositions prepared by various methods and of different particle size, and
over wide ranges of temperature and pressure, it is not surprising that different
mechanisms have been suggested. The reasons for this are twofold: (1) the change of
catalyst composition changes not only the values of the parameters of the kinetic model,
but it also changes the structure of the kinetic model through changes in the mechanism
(Soliman et al. 1992); (2) a lack of appreciation of the diffusion limitation often results in
misunderstandings of the kinetic mechanism (Twigg, 1989). This makes it very difficult, if
indeed possible, to develop a generalised kinetic model, which can be applied to different
catalysts with a change in parameters to suit each catalyst. The change in the structure of
the kinetic model and the mechanism makes it mandatory to study the mechanism and the
kinetic model for each type of steam reforming catalyst. Therefore, in order to obtain the
best understanding of the kinetic mechanism of methane steam reforming on a specified
commercial catalyst (ICI 57-4), the experimental study in the present work has been
carried out under two kinds of condition, i.e., a) where the diffusion limitation is
eliminated or b) by using a specially designed reactor, which can couple the diffusion

effect into the kinetic study.
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2.4 Studies on the Catalyst Stability and Membrane Reactor Performance

for Methane Steam Reforming

2.4.1 Deactivation of nickel steam catalysts

Like most catalysts, nickel reforming catalysts may be deactivated by coking (or carbon
formation) from some reactions, poisoning from impurities and ageing. Even without
coking and poisoning, it is inevitable that the catalysts are slowly deactivated by ageing

effects, such as sintering and loss of active metal.

Nickel reforming catalysts are sensitive to certain impurities, such as sulphur, arsenic,
halogens, phosphorus, and lead, which can be found in the feedstocks. Some of these cause
permanent damage to the catalyst, others have only a temporary effect, with catalytic

activity returning to normal when feedstock purity is restored.

Sulphur is the severest poison of these impurities because sulphur compounds are strongly
chemisorbed on the metal surface. Small amounts of sulphur seem to have greater effects
on the more active catalyst. The reason for this is primarily twofold: (1) if most of the Ni
surface is occupied by sulphur, this prevents further adsorption of reactant molecules, and
(2) the reconstruction of Ni surface may modify or lower the adsorption rates of reactant

gases.

The adsorption of hydrogen sulphide on the nickel surface has been extensively studied.

The investigations (Saleh, et al., 1961, Den Besten, et al., 1962, Rostrup-Nielsen, 1968,
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Ng, et al., 1978, Fowler, et al.,, 1979) suggest that H,S strongly adsorbs with complete
dissociation on the nickel surface even below room temperature:

H,S (gas) + nNi = S-(Ni), + Ha(gas) (2.61)
Different values of n have been reported. Saleh et al.(1961) reported a three-site
mechanism in the temperature range 355-375 K, whereas a four-site mechanism was
suggested by Den Besten and Selwood (1962) in the temperature range of 375 to 498 K,
and Ng et al (1978) at room temperature. At high temperatures (825-925 K), Rostrup-
Nielsen found that the value of n would be equal to one. Accounting for the effect of
temperature on the adsorption mechanism of H,S on the nickel surface, it is possible that
the value of n may change with temperature. It appears that H,S adsorption decreases with
temperature and is not affected by total pressure, while hydrogen, which is a product of

H,S adsorption with dissociation, inhibits the adsorption of H,S.

Hydrogen sulphide adsorption (poisoning) is reversible, and there is a H,S concentration
below which no detectable poisoning occurs, depending on the operating temperature.
Sensitivity to poisoning is increased as operating temperatures are lowered. In practice, a
lower H;S concentration and higher operating temperatures are preferred for avoiding H,S

poisoning to the catalyst.

Normally, sulphur which is present in natural gas can be purified effectively to a tolerable
content preceding steam reforming. For example, about 5 ppm of sulphur is present in
natural gas from North Sea Oil Fields, and this has to be reduced to less than 0.5 ppm to
the reformer (Twigg, 1989); and this is wusually accomplished using a
hydrodesulphurization catalyst in combination with a bed of zinc oxide. In the first step,

sulphur compounds in natural gas are transformed into hydrocarbons and hydrogen
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sulphide by hydrodesulphurization over the nickel or cobalt molybdate catalyst. Some

typical reactions for a number of different sulphur compounds are shown below.

C,HsSH + H, = C;Hg + HyS (2.62)
CeHsSH + H; = CoHg + H,S (2.63)
CH;SC,H; + 2H; = CH, + CoHg + H,S (2.64)
C4HLS + 4H, = C4Hyo + HyS (2.65)

Hydrogen sulphide is then removed by adsorption in beds of zinc oxide. Zinc oxide reacts
almost completely with hydrogen sulphide to form zinc sulphide as shown below.

ZnO + H,S =ZnS + H,0 (2.66)
According to the thermodynamics of the above reaction, temperature and water vapour
have strong effects on the equilibrium H,S concentration over zinc oxide. Hence, a lower
operating temperature and a dried natural gas are used in the purification process in order

to guarantee the quality of feed to the reformer.

Deactivation of nickel reforming catalysts by carbon formation is a major problem in
steam reforming. Its causes are generally threefold: (1) fouling of the metal surface, (2)
blockage of catalyst pores and voids, and/or actual physical disintegration of the catalyst
support. Carbon may be formed via different routes, each influencing the morphology of
carbon. According to Rostrup-Nielsen (1984), three different kinds of carbon species are
observed in steam reforming: (1) whisker-like carbon, (2) encapsulating carbon, and (3)
pyrolytic carbon. Whisker carbon is formed by diffusion of C through the Ni crystallites,
and growth occurs with the Ni crystallites at the top of the whisker. It does not deactivate
the catalyst but causes a break-down of the catalyst. Encapsulating carbon results from
slow polymerisation of radicals containing C on the Ni surface, and leads to a progressive

deactivation of the catalyst. Pyrolytic carbon (C-precursor) is deposited by thermal
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cracking of hydrocarbons, and encapsulates the catalyst particle and deactivates the

catalyst.

The kinetic mechanisms of carbon formation are very complicated, particularly for higher
hydrocarbons such as in naphtha steam reforming. For natural gas steam reforming, the
important reactions of carbon formation are presented by:
Methane decomposition

CH,=C +2H; “)
CO disproportionation (Boudouard reaction)

CO=C+CO; %)
and CO reduction

CO+H,=C+H;0 ©)
The methane decomposition reaction is endothermic and experiences an increase in the
number of moles; hence it is favoured by high temperatures and low pressures. Both the
CO disproportionation and reduction reactions are exothermic and result in a decrease in

mole number, hence these reactions are favoured by low temperatures and high pressures.

Combining the main reactions of methane steam reforming with carbon formation
reactions, it is possible to determine a carbon formation free region, which is a compromise
between the two kinds of carbon formation reactions, by thermodynamic equilibrium
calculations according to the “equilibrium gas principle” (Bartholomew, 1982). However,
this is certainly not valid for all cases because the activity of carbon is considered to be

unity, as in graphite, in thermodynamic equilibrium calculations.
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The presence of either H; or H20 (both as products of carbon formation reactions) can very
substantially reduce or eliminate the carbon formation in steam reforming. In industry, the
high ratios of steam/hydrocarbon are used to control carbon formation. However, excess

steam must be recycled and it is desirable to minimise the magnitude of the recycle steam

for economy purpose.

Both the nickel and the support play dual roles, contributing to the steam reforming
reactions and also to the carbon formation reactions. The nickel catalyst, depending on its
activity, will catalyse the reaction of steam with intermediates, but will also promote
decomposition and polymerisation to produce carbon. Acidity in the support is known to
facilitate both kinds of steam reforming and carbon formation reactions. This problem was
solved by ICI (Twigg, 1989) by adding an alkali metal component into the catalyst. This
accelerates the reverse reaction of CO reduction, i.e., accelerates the gasification reaction
of carbon, and at the same time the alkali neutralises the acidity in the catalyst support, so
retarding decomposition and polymerisation. The most effective alkali was found to be
K70 (potash). The K,O is effective by being mobile on the catalyst surface. Accurate
formulation combines the potassium as a complex potassium alumina-silica (e.g. Kalsilite,
K;0.A};03.Si0;) and monticellite (Ca0.Mg0.Si0;). The potassium is liberated at a very
slow rate as involatile K,CO3 which is hydrolysed as fast as it is formed, producing KOH,

which is very mobile on the catalyst surface and is the effective carbon —removing agent.

Another way for controlling carbon formation is by addition of promoters into the
catalysts. In principle, promoters, which enhance the adsorption of H, or H2O and /or the
rate of gasification of adsorbed carbon or coke precursors by H; or H;O, or reduce the

solubility and rate of diffusion of carbon in the metal particles, should minimise the
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deposition of carbon. The better selectivity of urania —promoted catalyst was related to
their ability to enhance steam adsorption and gasification (Bhatta et al., 1969). Rostrup-
Nielsen (1974) observed that formation of coke in steam reforming was delayed and
occurred at lower rates on nickel catalyst promoted with alkali or supported on MgO. This
effect was also attributed to enhanced steam adsorption and more efficient gasification of
adsorbed carbon from the decomposition of hydrocarbons in the presence of these
promoters. Ruthenium and Rhodium catalysts showed very high reforming activity while
producing no coke. This was attributed to reduced mobility/or solubility of carbon in the

metal particles (Rostrup-Nielsen, 1974).

Baker and Chludzinski (1980) investigated the effects of various oxide additives on the
carbon produced via the decomposition of hydrocarbon on nickel-iron particles (5-50 nm
diameter) supported on a silica. Three different kinds of behaviour were observed for the
specimens containing oxide additives: (1) Al,O; and TiO; films provided a physical barrier
toward hydrocarbon adsorption and decomposition on the surface below 650°C, but were
not effective at higher temperatures due to spalling; (2) MoOs, WO; and Ta,Os inhibited
the rate of carbon formation (at 1120 K) by factors 10-50, presumably by reducing carbon
solubility in the metal particles; and (3) SiO; was most effective in reducing the carbon

formation at 1120 K by 200-fold, apparently by lowering both the solubility and rate of

diffusion of the carbon in the metal particle.

Wood and co-workers (1980) reported that the Ir-promoted Ni/Al,O; showed less of
coking tendency. Gardner and Bartholomew (1981) found that the rate of carbon
deposition on Ni/Al,O3 was decreased by addition of Pt. Borowieck et al. (1994, 1997)

also observed that the introduction of small amounts of molybdenum and tungsten
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compounds (of less than or equal to 0.1 wt %) into the nickel steam catalyst considerably
reduced the detrimental effect of carbon formation, while entailing no change in the
catalyst activity. With large amounts, a decrease in the catalyst activity was observed,
although that was much smaller than the reduction of the coking rate. The properties of the
Ni-Mo/AlLO; catalysts depended on the hydrogen/steam ratio in the reaction mixture
which affects the mean degree of oxidation and distribution of various molybdenum states

on the surface.

Two poisons, sulphur and Fe(CO)s, are known to affect the deposition of carbon in steam
reforming, although the precise nature of their influence is not well understood from the
somewhat sparse literature on this subject. Rostrup-Nielsen (1984) reported that very little
carbon formation occurred on a sulphur poisoned Ni/Al,0;.MgQO catalyst under steam
reforming conditions for which thermodynamics would predict significant amounts to
occur. He explained that this was due to a blockage of the nickel surface by sulphur atoms
preventing dissolution and diffusion of carbon atoms through the nickel crystallite. Further,
Rostrup-Nielsen speculated that at high coverage of sulphur there are insufficient large
metal ensembles available for dissociative adsorption of hydrocarbons, although smaller
ensembles are sufficiently available to activate hydrocarbon molecules for further reaction
with steam. Trimm (1997) also claimed that doping with traces of sulphur that
concentrated on the nickel surface would reduce carbon formation significantly. Further
research on how sulphur affects the adsorption of hydrocarbons and deposition of carbon

should be done.

The surface structure and metal particle size have an effect on the rate of carbon formation

in steam reforming. In general, carbon formation is apparently favoured on rough surfaces.
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Data reported by Gardner and Bartholomew (1981) show that the carbon deposition rate is
greater on smaller particles of nickel on alumina. However, a conflicting conclusion was
suggested recently by Yamazaki et al.(1996). They found that the catalyst with a low
nickel content and with very small particles of metallic nickel kept its activity for 60 hr or
more at 1123 K and at a steam to carbon ratio of 1.0, gave little coke on the catalyst (<1 wt
%), whereas the commercial steam reforming catalyst under the same reaction conditions
lost its activity at 20 hr because of severe coking under the identical conditions. Hence, a

study of the effect of the size of nickel particle on carbon deposition should also be of

interest.

2.4.2 Catalytic membrane reactors for methane steam reforming

For methane steam reforming, the methane conversion is limited by thermodynamics. To
achieve a high methane conversion the reaction should be carried out at high temperatures
and low pressures. As regards the economics of the total process, a high applied pressure is
to be preferred in most ammonia and hydrogen plants. Under a high applied pressure, a
high temperature has to be used in order to obtained the desired conversion of methane.
Consequently, the energy consumed for this process is relatively high. The economics of
the process would be greatly improved if the reactions could be carried out at low
temperatures provided a high conversion could be obtained. Considerable attention has
focused recently on the application of steam reforming in the production of hydrogen for
fuel cells. Since most of the fuel cells operate at low temperatures, high overall thermal

efficiency would be expected if steam reforming could be carried out at comparatively low

temperatures.
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If a reversible reaction reaches a state of chemical equilibrium at any fixed conditions, no
further change in the composition with time can occur. Nevertheless, if one or more of the
products can be separated from the reacting mixtures by employing a selective gas
permeation membrane, the reaction will advance in the forward direction and will finally
break the equilibrium limitation. Raymont (1975) has suggested a similar concept for
increasing the decomposition yield of hydrogen sulphide, whose equilibrium conversion is
quite low (only several percent at 1000 K). Following this, Kameyama et al. (1981)
succeeded in improving experimentally the decomposition yield of hydrogen sulphide
using a microporous Vycor glass membrane, through which one of the products, hydrogen
gas, can pass more easily than other gaseous species. Since then, applications of
membranes in heterogeneous catalytic reactions have been extensively studied. Main
interests have been concentrated in two areas: (1) removal of one and more products from
the reaction system to improve the reaction conversion; (2) controlled addition of one or
more reactants to reaction system to influence the reaction path for enhancing the reaction
selectivity. Examples of the first kind include dehydrogenation reactions, where removal of
the product hydrogen increases the conversion of reactant. An application of the second
type occurs in many oxidation processes. Use of a membrane leads to a controlled addition

of oxidant and therefore increases selectivity to the desired product.

Inorganic membranes which may be used in catalytic membrane reactors are of two main
types, that is, dense membranes and porous membranes. Dense membranes exhibit
specific permeability properties to certain gases, such as palladium and palladium alloys
for hydrogen permeation and silver for the permeation of oxygen. The permeation of gases
through dense membranes follows a solution-diffusion mechanism. Porous membranes

may be made from glass alumina, zirconia, silver and stainless steel with a wide variation
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of pore diameters. Gases diffuse through the membranes by molecular or Knudsen
diffusion, by bulk flow, or surface diffusion, etc. which process dominates depends mainly

on the pore size and the operating pressure(s).

Applications of membrane reactors with dense or porous membranes to methane steam
reforming have been carried out for nearly ten years (Uemiya, et al., 1991; Adris, et al,
1991; Chai, et al., 1993; Shu, et al., 1994; Barbieri, et al., 1997). These investigations
demonstrate that the supported palladium and palladium alloys membranes promoted the
steam reforming reaction more effectively than porous membranes. The difference
between these two types of membranes is attributed to their hydrogen permeabilities. In the
temperature range of 573 to 873 K, dense membrane reactors attained a methane
conversion twice as high as the equilibrium value of the packed bed reactor system as a
result of the selective removal of hydrogen from the reaction system. Under the same
conditions porous membranes have shown little effect on the shift of equilibrium unless
their pore sizes were very small. A near complete conversion of methane can be achieved

in the dense membrane reactor if a high flow rate of sweep gas and high reaction pressure

could be used.

The benefit of removal of hydrogen on methane steam reforming has been demonstrated
by these studies. However, little attention has been directed to the effect of removal of
hydrogen on the catalyst poisoning by sulphur compounds adsorption and of carbon
formation from methane decomposition. It has been pointed out that the adsorption of
hydrogen sulphide on nickel catalysts is very strong at low temperatures and its fractional

coverage fractional on the active sites of the catalyst depends on the value of F, /P,

while the tendency of methane decomposition is restrained by the (PHz)zl Feyy, (Rostrup-
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Nielsen, 1968 and 1984; Bartholomew et al., 1979, Fowler, et al., 1979, McCarty, et al,,
1980). The removal of hydrogen produced will favour the adsorption of hydrogen sulphide
and the reaction of methane decomposition so that it will influence the catalyst activity and

stability as well as modify the advantages of membrane reactor operation.

An examination of the effects of the main variables, including H2S content, the extent of
hydrogen removal, the temperature and pressure, on the HzS tolerance and the tendency of
carbon formation, carried out by simulation, or experimentally would be of use in any

future work on methane steam reforming.
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CHAPTER 3 DIFFUSION OF GASES AND VAPOUR IN POROUS SOLID

AND MEASUREMENT OF EFFECTIVE DIFFUSIVITY

3.1 Introduction

The diffusion of gases and vapour in porous particles is of great importance in chemical
reaction systems, separation processes and drying operations. Reliable knowledge of this

intraparticle mass transfer process is important for the development, design and optimization

of these processes.

When molecules of gas or vapour pass through a porous solid, there are not only collisions
between molecules and between the molecules and the wall of pores of solid but possible
absorption and desorption of molecule on the inner surface of solid may occur as well. Thus
the transportation of gas molecules in porous solids may undergo a succession of these steps.

In general, diffusion of a gas or vapour through a porous solid may be described by one of the

following mechanisms:
1. Ordinary or bulk diffusion.
2. Knudsen diffusion.
3. A combination of 1 and 2 above (transition region).

4. Surface diffusion

Diffusivity, which is an ability of a gas to diffuse through a porous solid under certain

conditions, can be measured or predicted. To account for the effects of porosity and the
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complex structure of the porous solid, such as porous catalysts, the effective diffusivity is to
be used in practice. The effective diffusivity can be obtained directly by experiments under
steady or unsteady state methods. Some models are available for roughly estimating the
effective diffusivity. In this chapter, a brief review on diffusion of gases, and the measurement

and prediction of the effective diffusivity is presented.
3.2. Diffusion of Gases in Porous Solids

3.2.1 Ordinary or bulk diffusion

Ordinary or bulk diffusion occurs if the pores are large and the density of the gas is relatively
large. Diffusion of gases will take place if there is a change in concentration between regions
of a mixture. Gases diffuse in a tendency to make the concentration uniform in the system.
The molar flux of species i is a vector quantity denoting the flow of moles of species i through
a unit area per unit time. The molar fluxes relative to stationary coordinate are

Ni=Ciu 3.1
The molar fluxes relative to the molar average velocity u* are:

J'=Cu, -u) (.2)

But since

u = (ZC,u,.)/(ZC,-)

Therefore

J=N-y3N, (33)

So for a binary mixture of A and B



40

J;=NA_yA(NA+NB) (3.4)

If the gas mixture has a symmetrical distribution and is in random motion, Fick's law of

diffusion will apply and
Ty =~CDy 2 (3.5)
Therefore:
_ p. P
N, _yA(NA +NB) C ABE (3.6)

The vector ya(Na+Np) is the molar flux of A resulting from the bulk motion of the fluid and
the vector (-CD w%) is the molar flux of A resulting from diffusion superimposed on the

bulk flow. Equation (3.6) can be integrated if the ratios of the fluxes and the pressure are

constant and diffusion is in one direction, to give:

NA =_CDABln1_aon

3.7
aZ I_WAz ( )

where

o=1+Np/Nja
For a given process o is determined by the chemical stoichiometry. For instance if 4 — B
then o=0, but if 4 — B and B is adsorbed on the surface of porous solid, then a= 1. Also for

equimolar diffusion o= 0 since Na=-Ng, equation (3.6) will reduce to:

- D
N,= 41),,8( . ) (.-8)
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For a binary mixture, Hoogschagen(1955) and Dullien and Scott(1962) have showed that the

ratio of the fluxes is equal to the square roots of the inverse of the molecular weight ratio of

the two diffusing gases, 1.e
o= 1+ NB/N A

=1-WM, /1M, )
The bulk diffusivity Dap can be measured but may also be predicted theoretically. For the

latter purpose, the best known formula is the Chapman-Enskog equation (Hirschfelder, et al.,
1954)

05

1.8583x10 ’T”(ML+;;—]

D, = ——4F (39
Po,Q

AB

Where Das: Diffusivity, m*/s

P pressure, kPa

oaB: collision diameter, A
oap: collision integral, K

My, Mp: the molecular weights of A and B respectively.

Another equation was developed by Fuller et al (1966) which has been claimed to be more

accurate than others. This is:

0.5
10—5 T1.75 L + L
M, M

e (3.10)
PE0), + &),

D, =
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Where (Zv) A,(ZV)B are the special diffusion volumes of A and B respectively. This

diffusion volume is the sum of parameters that can be assigned to atoms, groups and other

structural features of the species. Units of Dap and P in the equations (3.9) and (3.10) are m*/s

and kPa, respectively.

Diffusion in multicomponent systems often occurs in chemical reaction processes. For this
case, if the multicomponent system consists of species Ai, A,,....... , Aa, and species A;

diffuses into the mixture of the other n-1 species, the diffusivity Din of species i is predicted

by following equation as :

7

*1 D,“
L:J__J_ (3.11)
Dim l_yx

where Dj; is given by equation (3.9) or (3.10).

3.2.2 Knudsen diffusion

If the pores are small and the gas has a low density, collisions will occur primarily between
molecules and the pore wall. In bulk diffusion it is the gas - gas collisions which are limiting,
and the gas - wall collisions are negligible. The usual rough criterion for Knudsen diffusion is
that the mean free path of the gas molecule is much larger than the pore diameter. For bulk
diffusion the criterion is that the mean free path is smaller than the pore diameter. Most real

cases of diffusion probably lie between these two limiting cases.

Under the Knudsen diffusion mode, based on the kinetic theory of gases the Knudsen
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diffusivity may be estimated by the equation:

2 .
Dy, = Erp Va (3.12)
_ 8RT 0.5
where Va=
(”M 4 j

and units of 1, and V4 are m and m/s, respectively. Combining above two equations gives a
working expression for Dg4 in a straight circular pore of radius 1, in m?/sec:

Dga= 97 1, (T/M,)"™ (3.13)

3.2.3 Transition region

By comparing the pore size and the mean free path of gas, the type of diffusion may be
determined. However, in dealing with diffusion in a given catalyst particle or pellet, it is very
rare to find one single mode of diffusion. It is often probable that both types of diffusion are
important. This is known as the " transition region ". When the pressure is reduced, the change
from bulk to Knudsen diffusion does not occur suddenly when the mean free path of the gas
molecules becomes equal to the pore radius. The theory of this region between bulk and
Knudsen diffusion has been reported by Scott and Dullien(1962). These authors suggested that

the following equation be used for the binary gas diffusion in a porous solid at constant total

pressure:

(3.14)

For equimolar counter diffusion o = 0, equation (3.14) will reduce to
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. 1.1 (3.15)
DA DAB DKA

Whether Knudsen or bulk diffusion predominates depends on the ratio Das/Dxa and not solely
on the pore size. If Dap/Dxka is very large, equation (3.15) reduces to

Da=Dgss (3.16)
On the other hand, if Da/Dxa is very small, the equation (3.15) reduces to

Da =Dxa (3.17)

3.2.4 Surface diffusion

Surface diffusion may take place if one of the molecular species is adsorbed on the surface to
a considerable extent. The transport by movement of molecules over a surface is called “
surface diffusion” and the direction of transport is that of decreasing surface concentration.
Equilibrium adsorption is a function of the partial pressure of the adsorbed component in the
gas adjacent to the surface, and both tend to decrease in the direction of diffusion. Surface and
gas phase diffusion proceed in parallel. The available data shows that it contributes little to
overall transport through a porous mass at high temperature unless appreciable adsorption

occurs and yet if adsorbed molecules are held so strongly to be essentially immobile, surface

diffusion becomes insignificant.

The surface diffusion flux per unit-section area of porous solid Ny may be expressed as:

D, . dC,
Ns =- . pPSg-Z (318)

5

where
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D, =D, exp(— E, )
RT

and s accounts for the tortuous path of surface diffusion, C; is the surface concentration
(kmol/m?), D is the surface diffusivity in m*/sec and the product PpSg =Sv 1s the surface area
per unit volume of solid (m%*m?®). D; varies somewhat with surface concentration because of
variations of Es, but approaches some limiting value as surface coverage is decreased. Surface

diffusion is likely to be significant with high area and therefore fine pore solids.

The surface diffusion of propane and other hydrocarbon through a well-characterized porous
matrix of molybdenum sulfide has been studied by Reed and Butt (1971) under conditions of
known and controlled surface coverage. They found that surface diffusion contributions for
propane were 32% and 11% of the total flux at 293 K and 343 K respectively; for 2,2-
dimethylpropane were 42% and 11% of the total flux at 293 K and 343 K respectively; and

were independent of surface coverage for coverages below 1%
3.3 The Prediction and Measurement of Effective Diffusivity of Gases in Porous Catalyst

The geometrical structure of a porous catalyst is very complicated, consisting of large number
of interconnected pores with irregular shapes, different diameters and a proportion of dead-end
pores. Also the length of the tortuous diffusion path in real pores is greater than the distance
along a straight line in the mean direction of the diffusion. All these factors cause the flux to
be less than would be possible in a uniform pore of the same length and mean radius. By
assuming that the ratio of real diffusion area to total cross-section area is equal to the porosity

of a porous solid, the following expression may be employed to give the flux compared to the
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total cross-section of porous solid:

D, =-%D, (3.19)

where
€. porosity of porous catalyst particle or pellet

T. tortuosity factor

Here Dy, is the diffusivity which may be the bulk or Knudsen diffusivity, or a combination of

the two, while Dy, is the effective diffusivity.

Because of the lack of experimental data it is frequently necessary to estimate the effective
diffusivity (D.) from the physical properties of the catalyst. To do this, the first step is to
evaluate the diffusivity for single cylindrical pore; a geometrical model of the pore system is
then used to convert D to De for the porous pellet. In fact, a model is necessary because of the
complexity of the pore structure. Various models are available for estimating D.. Because
predicted values typically deviate from experimental values by a factor of two, and
occasionally by the order of magnitude discrepancies observed by Brown (1969) and
Satterfield (1968). A large number of methods have been developed to measure the effective
diffusivity in the absence of reaction. These methods can be grouped under two different
categories: the steady state method and the unsteady state method. Each has its merits. While
the steady state methods are generally less difficult to interpret, more information is
potentially available from the unsteady state methods. Variations exist in each category. In the

following review, typical predictive models and measuring techniques are outlined briefly.
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3.3.1 Models for predicting effective diffusivity

3.3.1.1 Wheeler model

In this model it is assumed that diffusion occurs through a number of capillaries all of which
are of the same length and radius. Wheeler suggested the following equation to estimate the
effective diffusivity:

D, = Er _DapDia (3.20)
T D+ Dy,

Values of Dap are calculated by using equation (3.9) or (3.10). Equation (3.14) is employed

for determining D4, and the 1, is determined from.

5= (22,)/(S5py) 321)

Prediction of Dy, by this model is somewhat limited because of the uncertainty in T. Estimated
data shows that the tortuosity T varies, on average from 2 to 6 ( T can not be measured

directly).

3.3.1.2 Random Pore Model ( Wakao-Smith model )

Many catalyst particles are formed by tableting, extruding, or by compaction in some other
manner of a highly microporous powder (the "microparticles") to obtain a pellet having two
separately identifiable pore structures. The voids inherent in the microparticles are termed the

"micropores”, whereas the voids due to spaces between the compacted microparticles are
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designed as " macropores". Such bidispersed structured catalysts are described in terms of two

diffusivities. The effective diffusivity has to include the micropore and macropore diffusion.

Wakao and Smith (1962) proposed the Random Pore Model for the predicting diffusivity at
constant pressure in bidisperse porous media. This represents the diffusion flux as being the
sum of that through macropores, micropores and that by a series through both. The model

gives the effective diffusivity for isobaric diffusion as:

2
D, =&D, +5£i’3")p, (3.22)
1-¢,
where
b.=1Z l 1
W, P
Dy kA
b=1z l 1
4, b
Dy Dy
and €a the porosity of macropores

€. the porosity of micropores
For pellets containing micropores only, €,= 0 and equation (3.22) reduces to:
Dpe = £7D; (3.23)

For pellets without micropores, € = 0 and equation (3.22) becomes :

Dac=t.’D, (3.24)
The Random Pore Model has been confirmed experimentally by measurements of the effective

diffusivities for a series of Boehmite alumina pellets pressed at different densities (Satterfield,
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1970). It is however less accurate for the prediction of pellet diffusivities for different sizes of

pressed Boehmite pellets (Smith and Robertson, 1963).

3.3.1.3 Parallel Pore Model ( Johnson and Stewart, 1965)

This method predicts the rate of diffusion of a binary gas mixture through a porous solid at
constant temperature and pressure. The rate of diffusion in each pore is predicted by the “dusty
gas” theory of Evans,Watson and Mason(1961), and the total diffusion rate is given by
integration over the pore-size distribution. Surface diffusion is neglected. The model predicts

the effective diffusivity as follows:

_apflan, 1Y
R P

Where f{r,)dr, is the fraction of void volume occupied by pores with a radius betweenr,

and rp+drp.

For one-dimensional diffusion, according to Fick's law:

__DAeP_‘_é}_A_

3.2
A RT dz (3:26)

Combining equations (3.26) and (3.25), gives

NA=-PEP[I[1—WA+JHJ j‘(r’)j-’]‘g; 327)

RRT D,

Integration of equation (3.27) from z = 0 to z = Z gives
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D
l-ay, +—22
Pe D LD
= ﬂ; IZAB Iln D:; (rp)irp (3.28)
l—aon‘rD—
KA

Equation (3.28) can be used to evaluate t from experimental measurements if €, and the pore

size distribution are known, or to predict the diffusion rate if t is known.

3.3.2 The Measurements of effective diffusivity

A large number of methods have been developed to measure the effective diffusivity in the
absence of reaction. These methods can be grouped in two different categories: the steady

method and the unsteady state method.

3.3.2.1 The steady state method

The most commonly used steady state method is the Wicke-Kallenbach technique. In this
method the ends of a cylindrical pellet are exposed to two gas streams flowing at steady state
The two faces of the pellet are maintained at equal total pressure in order to eliminate the
convective term. One or both of the gas streams leaving the pellet are analyzed. From the
analysis and the measured flow rates of the streams, the flux of gas through the pellet can be
obtained. The most critical component of the Wicke-Kallenbach method is the diffusion cell.
Stagnant layers and boundary layer resistance in series with the pellet resistance must be
eliminated. Wicke and Kallenbach used this technique to measure the effective diffusivity of

carbon monoxide in nitrogen over porous pellets. Hoogschagen (1955) found that the diffusion
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fluxes are inversely proportional to the square roots of the molecular weight for bulk diffusion
as well as in Knudsen diffusion. Rothfeld (1963) measured the flux over a range of total

pressure for both sides of a pellet, and found that the flux ratio in steady state counter diffusion

was independent of pressure.

The W-K technique provides a measure of effective diffusivity regardless of the mechanism of
diffusion. However, apart from this it suffers from a number of problems. The sample must be
of such size and geometric shape that it can be mounted leak-free in the diffusion cell, and the

material of construction requirements usually impose a limitation upon the maximum

temperature of measurement.

3.3.2.2 The unsteady state methods

The unsteady state methods can conveniently be categorized in term of three classifications-

moment methods, sorption rate methods and gas chromatography methods.

The moment methods originated from time-lag methods. The latter developed first by
Barrer(1953), have been used frequently and subsequent modifications were made by
Goodknight and Fatt(1961), Beveridge and Goldie(1972) and other invesigators. In the
moment methods popularized by Smith and co-workers (Dogu and Smith, 1976; Burghardt
and Smith, 1979; Wang and Smith, 1983), one side of the Wicke-Kallenbach diffusion cell is
subjected to an impulse of diffusing component, and the response on the opposite side is

recorded. The effective diffusivity is achieved by analysis of the first and second moments of
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the normlized response curse, which can be calculated from numerical integration of the

experimental response curve.

The sorption rate methods which are particularly suitable for measurements of effective
diffusivity in powders and granular materials and involve an experimental determination of the
adsorption or desorption of a pure compound or a component of a mixture. Several variations
of the techniques are popular. These may be roughly categorized according to whether the
measurement is made at constant volume or constant pressure (Haynes, 1988). In the constant-
volume experiment (Riekert, 1971; Satterfield and Margetts, 1971; Ma, et al, 1973 , 1976), at
time zero a step change in pressure is introduced into the experimental system; for a single-
component gas the pressure response is recorded while for a gas mixture samples of fluid are
collected from the system periodically and their composition is determined as a function of
time. From a knowledge of the pressure (or composition) versus time curve one can calculate
the sorption rate (or sorption uptake). The sorption uptake is also recorded gravimetrically
(Heering, et al., 1982). In the constant-pressure experiment (Ruthven and co-workers,1972,
1980, 1981, 1982; Satterfield, et al.,1967;, Kondis and Dranoff, 1971), the sorption uptake is
determined gravimetrically or volumetrically. Effective diffusivities can be calculated from

experimental uptake curves (Kocirik, et al., 1973 and 1974; Garza, et al., 1983).

Gas chromatography has been used as a popular tool for evaluating effective diffusivities in
heterogeneous catalysts over the past three decades (Davis and Scott, 1965; Suzuki and Smith,
1971; Hsu and Haynes, 1981; Sarmah and Haynes, 1989). Instead of the diffusion cell used in

the moment methods a column which contains fine particles of catalyst is used to measure an
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effective diffusivity of a gas through the catalyst. Extensive studies on this subject have been
done by Haynes and co-workers (Haynes and Sarma, 1973; Hsiang and Haynes, 1977, Hsu
and Haynes, 1981; Haynes, 1986, Fu and Haynes, 1986). Similarly to the moment method
experiments, a pulse of diffusing component is injected into inlet stream and the effluent pulse
is recorded. Based on analysis of the moments of the response curve, the effective diffusivity
can be obtained. Like the moment method, the principal advantage of the method is that the

measurement can be easily conducted at elevated temperatures and pressures.

Unsteady state methods should not applied when diffusion is rapid. In such situations the
experimental results may be controlled or at least modifed by extraparticle transport

resistances and instrument response factors
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CHAPTER 4 . MEASUREMENTS OF EFFECTIVE DIFFUSIVITIES OF
GASES IN METHANE STEAM REFORMING

4.1 Introduction

Methane steam reforming is a typical heterogeneous gas- solid catalytic reaction. The
diffusion of the reactants and products in the particle plays an important role in this
reaction, especially for reactions taking place on highly active catalysts, such as
nickel/alumina. The effectiveness factor of this reaction, a criterion characterizing the ratio
of diffusion rate to intrinsic reaction rate, is often less than 0.01, or even sometimes 0.001 in
industrial cases. Experimental measurements of the effective diffusivities of these gases is

necessary to facilitate an understanding of the reaction kinetics of methane steam reforming.

In this chapter the steady state method is used to measure the effective diffusivities using
the Wicke-Kallenbach(W-K) type diffusion apparatus, over the temperature range of 293-
873 K and a pressure range of 100-1000kPa. These ranges are wider than are usually

employed.

The W-K type diffusion apparatus has been used previously for diffusion measurements at
elevated temperature. However, a severe leakage problem exists for high temperature
measurements, caused by leakage through the space between the pellet and seal. Growcock
and co-workers(1977-1978) have experimentally demonstrated the occurrence of severe
leakage problems, in which the leak rate could be an order of magnitude higher than the
pore diffusion rate in a graphite pellet at 773-1073 K. Yang(1982) solved the leak problem

in his W-K diffusion cell by using an electroplated metal layer around the graphite sample
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for the temperature range of 300-973 K. In the present work, the leakage problem in the W-
K diffusion cell has been eliminated by employing a graphite "O" ring which seals the
catalyst pellet. High pressure applied to the two ends of the graphite ring by compression,
ensured that it was very tightly held around the catalyst pellet due to the radial expansion of

the ring. No leakage was observed using this arrangement when tested at high temperature

and pressure.

4.2 Experimental Measurements of the Effective Diffusivities

4.2.1 Materials used in the experiments

Gases:

The gases used were nitrogen, hydrogen, methane, carbon dioxide and helium. All gases
were supplied by B.O.C Ltd. The purities of these gases were acceptable under
experimental conditions used. Some physical properties of these gases and water vapour are
listed in Table 4.1 below

Table 4.1 Physical properties of the gases and water vapour

H, He Ny CO, CHy | HyO

Molecular weight 2.016 | 4.003 | 28.01 |44.01 16.04 | 18.01

Thermal conductivity
W/mK at 300 K 0.195 0.150 | 0.026 | 0.017 0.127
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Catalyst pellets:

The catalyst pellets were made from alumina catalyst powder supplied by 1.C.I Ltd. The
pellets were made by using a laboratory press (Apex Hydraulics). The powder was
compressed in high tensile steel moulds of inside diameter 12.7 mm at one end with a
slightly larger diameter at the other end. This was done to prevent the pellet from breaking
during its ejection after compression. The diameter and height of the peliets were 12.7 mm
(0.5 in). The “green" density of the pellets was about 1.85 g/cm3. The pore size
distribution is shown in Table 4.2 and the porosity of the pellets was 0.39 (data provided by
1.C.I Katalco).

Table 4.2 Pore size distribution of catalyst pellet sample

PoreoRadius Mean pore'J Voi . Rrp)drp %
A radius A cm'/g
1000000-100000 550000 .00342 2.135
100000-50000 75000 .00153 955
50000—10000 30000 .00021 131
10000—7500 8750 .00021 131
7500---5000 6250 .0055 3.434
5000---2500 3750 0249 15.546
2500---1000 1750 1011 63.12
1000---500 750 .0099 6.181
500----250 375 0119 7.430
250----100 175 .0010 624
100----10 55 .0005 312
Total pore 1601
volume °m3/L
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4.2.2 Apparatus

Effective diffusivities were measured by the steady state flow technique as first used by
Wicke and Kallenbach in their studies of ordinary diffusion in porous solids. This method
was later modified by many investigators for measuring the effective diffusivities of porous

particles.

A similar procedure was employed in this work for the measurement of effective
diffusivities under steady state conditions through the a catalyst pellet. Fig.4.1 shows the
experimental layout used in the diffusion experiments for gases. Minor modifications were
made for measuring the effective diffusivities of water vapour into the other gases as
illustrated in Fig.4.2. Pressure transducers were used across the chambers of the diffusion
cell to monitor pressures on both sides of the pellet. A zero pressure difference is attained
by adjusting the needle valves until the transducers show equal pressures on both sides of
the cell. In order to study the temperature dependence of the effective diffusivities provision
was made for heating the cell by enclosure in a furnace. The temperature was kept constant

for each reading by means of the furnace temperature controller.

4.2.3 Analysis

To determine the amount of gas which had diffused into the carrier, a thermal conductivity
detector (TCD ) was employed. The TCD operates on the basis of the difference of thermal
conductivities between the gas detected and the carrier gas. The deflections of the TCD
output at steady state during the diffusion experiments, were recorded on a chart recorder.

The amount of gas which had diffused into the carrier gas B was determined by comparing



58

the deflection with the relation between deflection and concentration of gas A in carrier gas
B. This relation was obtained from calibrations using mixed gases of known composition of
A and B which flowed through the TCD. The amount of water which diffused into the other
gas stream was measured by using a relative humidity meter( RHM ). In general, the relative
humidity of the dry carrier gas (N5, or other permanent gases) is close to zero. When water
vapour diffused into the carrier the new value of the relative humidity was measured. The
amount of water vapour in the carrier was calculated from this value. In the two cases
above, the rotameters calibrated using a soap film meter were utilized to meter the flow

rates of gases A and B.

4.2.4 Equation derivation

The equation for steady state diffusion of a binary gas mixure is obtained as follows: The

flux for species A in the binary mixture A-B in the pellet is given by

P
N,= _DAB,eﬁ‘_RT‘?k)A +yA(NA +NB) 4.1)
dN,
=0 42
dN,
=0 43

where Ny, N are flux of species A and B, respectively, and ya is a molar fraction of species
A in the mixture.
with boundary conditions

Ya™ Yao =0

Yo=Y z=Z

Upon integration of (4-1)
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N, =Doal (1D (4.4)
oZRT  \1-ay,,
where
a=1+Npg/Np =1- (MA."I\»IB)L'I2
or
DAB'eﬁ. = N ZRT 4.5)
P 1n[(1 0,z )/ (1 —QY )]

The flux N A, Can be calculated as the product y,, and the flow rate of B, divided by the
cross-sectional area of the pellet. Equation (4.5) is used for calculating effective diffusivities

from the steady state experiments.

4.3 Experimental Results and Discussion

Pairs of gases (including water vapour) were used in the measurement of effective

diffusivities. The gas pairs, temperature and pressure ranges are listed in Table 4.3 below.

4.3.1 Temperature dependence of the effective diffusivities

Fig.4.3 shows the effective diffusivities obtained for three gases in N> as a function of
temperature at ambient pressure. Clearly, for all three gases (Hy, CO,, CH.), the effective

diffusivities increased with increase in temperature. At ambient pressure, assuming that

D,y o = Dapo,og(T1298)% (4.6)

The values of azg for Hy/Np, CO/Ng and CHy4/N, were estimated by regression analysis

to be 1.06, 1.138, and 1.212 respectively. The value for a, ,, is in good agreement with
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the result of Yang (1982), who obtained a corresponding value of 1.108 for CO, diffusion

in Nj.

Fig.4.4 shows the experimental results obtained for CHy4 diffusion in CO5 , and CO;
diffusion into CHy respectively. The near equal values of aj are 1.086 and 1.056

respectively.

Except for app values for water vapour diffusion into Ny and CHy, and for Hy diffusion
into CO»,, all values for the diffusion of gases at ambient pressure lie between 1.0 and 1.25
as shown in Table 4.4. The exponents on T for the remaining gas pairs indicate that the

diffusion lies in the transition region under the present experimental conditions.

Table 4.4 also shows apg values for the temperature dependence for gaseous diffusion at
different pressures. The trend that all values increase with increase in pressure is clear. this
demonstrates that the diffusivity gradually moved to the ordinary bulk diffusion regime with
pressure increase. This is to be expected since the mean free path (M.F.P) will decrease
with increase in pressure, leading to a reduction in the Knudsen contribution to the effective
diffusivity. At 1 MPa pressure, the high values of apog obtained exhibit that under these
conditions diffusion basically lies in the bulk diffusion regime. Interestingly, the aop values
of the temperature dependence for water vapour diffusion into No and CHy4 decreased

slightly when pressure is increased.
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Table 4.3 The gas pairs used and ranges measured

Temperature range | Pressure Range
K 100 kPa
Hy-Np 293-873 1-9
COy-Ny 293-873 1
CH4-No 293-873 1-10
CH4-COy 293-873 1-9
CO,-CHy 293-873 1-9
CO,-Hp 293-873 1
Hy-COy 293-773 1-9
He-COy 293-873 1-10
Np-Hp 293-873 1-9
Water vapour-Ny 573-873 1-10
Water vapour-CHy 573-873 1-845

4.3.2 Effect of pressure on effective diffusivities

The experimental results for all gases at different pressure are shown in Figs.4.5-12. The
effective diffusivities for all gases decrease monotonically with pressure, i.e. when the

temperature is constant, the relation between Dap . and P is

D
Dy =t 4.7
B (p/100) (4.7)

By regression, the values of Bag obtained for all gas pairs at different temperatures are listed
in Table 4.5. Clearly variation of operating temperature within this range has only a small
effect on the BAp values for most gases. However, different gases have different values, for
the effect of pressure on diffusion. Except for the B g value for water vapour diffusion, all

values for the diffusion of gases decrease slightly with increase in temperature. The values
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for water vapour basically keep constant in the temperature range of 573-873 K. It is
worthy of noting that § Ag is not 1 as is usually assumed.

Table 4.4 Effect of pressure on temperature dependence

of gas effective diffusivities
P (100 kPa) 1.0 40 7.0 10.0
OaB
H, into N; 1.060 1.108 1.195 1.544
H; into CO, 0.747 0.987 1.434 1.410
CH, into N, 1.212 1.220 1.548 1.740
CH, into CO, 1.086 1.175 1.542 1.465
CO; into CH4 1.056 1.472 1.318 1.726
He into CO, 1.094 1.278 1.427 1.477
N; into H, 1.103 1.362 1.358 1.638
H2O0 into CH, 1.483 1.243 1.436 1.451
H;O into N, 1.793 1.743 1.710 1.620

Table 4.5 Effect of temperature on pressure dependence of

gas effective diffusivities

Temperature K | 373 473 573 673 773 873
Ban
H; into CO, 0.7572 ] 0.6369 |0.5188 |0.4904 |0.4723
CH, into N, 0.8501 |0.7475 |0.6862 | 0.6667 | 0.6660 | 0.6640
H, into N, 0.5952 |0.5192 [0.4788 {04581 |0.4481 |0.4458
N, into H; 0.5928 | 0.5284 |0.4910 |[0.4590 | 0.4430 | 0.4530
CH,into CO, |0.8297 |0.7756 |0.7314 | 0.7003 | 0.6813 | 0.6679
He into CO, 0.5242 | 04733 |0.4441 | 04138 | 04031 |0.3963
H,0 into CH,4 09134 |[0.9303 |0.9380 [0.9322
H,0 into N, 0.8715 |[0.8935 |0.9062 | 0.8982
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4.3.3 Estimation of tortuosity

The tortuosity of a catalyst pellet is often an important factor for predicting the effective
diffusivities with some theoretical models. However, the tortuosity cannot be measured
directly, but by combining the experimental data and a diffusion model, the tortuosity may
be estimated approximately. Of these diffusion models the parallel path pore model
(Johnson and Stewart) is probably better in comparison with other models. The basic
assumption of the parallel path pore model is that all pores of the catalyst pellet are
cylindrical, but have different values for the pore radius. The integral form of this model is

the equation (3.28) (see it in Chapter 3):

— TAB
&,D,,P 5% l-ay,, + Dy,
Y R p— I In D (r,)dr,
aiRTZ 4B
1—ao+5™
x4

Tables 4.6 and 4.7 show the results obtained from equation (3.28).

Table 4.6 Estimated tortuosity for some gas pairs

P (100 kPa) 1.0 4.0 7.0 10.0 Tmax/ Tmin
T

H,-N; 251 1.96 1.87 1.78 1.41

CH4-N; 229 2.25 2.03 2.00 1.15

He-CO, 2.29 224 1.68 1.35 1.7

Table 4.7 Estimating tortuosity at ambient pressure

CH, CHy, |[H. | H; CO; | CO; |HeN: [HeCO,

-Nz -COz -Nz -COZ -Hz -CH, 400kPa | 400kPa

T | 2.29 184 |[251 | 232 | 214 | 209 | 221 224




Because the tortuosity is a basic characteristic property of the catalyst pellet, it should be
virtually constant under varying conditions. These results imply that application of equation

(3.28) may be limited within a narrow pressure range for estimating tortuosity.
4.3.4 Calculation of mean free paths of the gases studied

Mean free path (mean distance travelled between successive collisions) of gas is an
important criterion for determining the diffusion mode. The mean free paths of the
individual gases were calculated from the kinetic theory of gases:

T
A=3067x107% -——) 4-8
(PO‘Z (4-8)

where A and ¢ are expressed in cm, and ¢ is the molecular diameter of the gas. Values of ¢
are listed below.

Gas H, N. He H O CO; CH;

o (10%m) 224 255 214 234 262 220

Values of the mean free path as a function of temperature and pressure are presented in
Table 4.8. A comparison of these results with the pore size distribution given in Table 4.2

shows that for all pressures, except atmospheric the mean free paths for all gases are less

than the pore diameter of 1500 A and therefore the diffusion should be within the

molecular diffusion range for all but 15 % of the pores.
4.4 Conclusions and Discussion

Effective diffusivities of gases and water vapour associated with methane steam reforming

have been measured for catalyst pellets in a Wicke-Kallenbach type diffusion cell at
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pressures up to 1MPa and temperatures ranging from 293 to 873 K. The effect of pressure
on the temperature dependencies of the effective diffusivities has been studied. The
experimental results demonstrate that the diffusion lies mainly in the bulk diffusion region at
pressures up to 1MPa for catalyst pellets used. At ambient pressure, the temperature
exponent values range from 1.0 to 1.25. this indicates that the diffusion occurs in the
transition region. The relation between Bij and temperature is non-linear. The pressure
exponent was generally less than 1 with values lying between 0.4 and 0.85 except for gas -
water vapour pairs where the exponent was close to 1. The tortuosity estimated for the
catalyst pellet varied from 1.84 to 2.51 for different gases at ambient pressure, but

decreased with increase in pressure.

From Table 4.5, the pressure exponents of gas effective diffusivities for hydrogen, methane
and water vapour which are the main components in methane steam reforming, approach
stable values as the temperature is increased to exceed 573 K. The estimated tortuosity for
hydrogen, and methane in the pressure range of 400-1000kPa tends to a constant tortuosity

for the catalyst pellets.

Table 4.8 Calculated values of the mean free path (11)

Hydrogen
TK 373 473 573 673 773 873
P=100 kPa 2280 2891 3502 4414 4725 5336
400 kPa A 570 723 876 1028 1181 1334
700 kPa 326 413 500 588 672 762
1000 kPa 228 289 350 411 472 533




Table 4.8 cont’d

Nitrogen
TK 373 473 573 673 773 873
P=100 kPa 1759 2231 2701 3174 3646 4118
400kPa A | 440 558 676 794 911 1029
700 kPa 251 318 386 453 521 588
1000 kPa 176 223 270 317 365 412
Helium
TK 373 473 573 673 773 873
P=100 kPa 2498 3168 3838 4507 5177 5846
400 kPa A 624 792 959 1127 1294 1461
700 kPa 357 452 548 643 740 835
1000 kPa 250 317 384 457 517 585
Water vapour
TK 373 473 573 673 773 873
P=100 kPa 2089 2649 3209 3767 4330 4890
400 kPa A 662 802 942 1082 1223
700 kPa 378 459 539 619 700
1000 kPa 265 321 377 433 489
Carbon dioxide
TK 373 473 573 673 773 873
P=100 kPa 1667 2113 2560 3007 3453 3901
400kPa A 417 528 640 752 863 975
700 kPa 238 302 366 430 493 557
1000 kPa 167 211 256 301 345 390




Table 4.8 cont’d

Methane
TK 373 473 573 673 773 873
P=100 kPa 2363 2997 3631 4265 4898 5532
400kPa A | 3591 749 908 1066 1225 1383
700 kPa 338 428 519 609 700 790
1000 kPa 236 300 363 427 490 553

67
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Fig.4.1 Schematicof flowsystem for the gasdffuson expefiment

1: Catalydt pellet, 2: Themmal conductivity detector (TCD)
3. Presaure transducer, 4: Rotameters
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Fig42 Schematicof flowsysdem for the gas- water vapour dfiuson expeament

1: Catalys pellet, 2: Relati ve humidity meter (RHM)
3: Presaure transducer, 4: Fotameters
5: Needle valves, 6: Pump for transport of water

7: Temperature confroller
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CHAPTER 5 EXPERIMENTAL STUDY OF METHANE STEAM

REFORMING ON A SINGLE PELLET REACTOR

5.1 Introduction

Flow schemes of the experimental facilities employed during the present research are shown
in Figs.5.1 and 5.2. The main component of the apparatus used, is the single pellet reactor,
which was modified from the W-K diffusion cell used to measure the effective diffusivities of
the gases (see Chapter 4). Single pellet reactors have been used previously in poisoning studies
by Petersen and co-workers (1968, 1970). The single pellet reactor employed in this work was
arranged in such a manner that the equipment could couple the effect of diffusion on reaction
kinetics of the methane steam reforming reaction under high intraparticle diffusion resistance.
The experiments were carried out over two types of the catalyst pellets at temperatures of 853
—873 K and at ambient pressure. The molar ratios of steam to methane were 3 and 4,

respectively.

5.2 Materials

Two types of Ni/a-alumina catalyst pellets either with holes or without holes were used in the
experiments. The a-alumina pellets and the holes were made in the laboratory at Salford. The
impregnation of the active metal component NiO was performed by ICI Katalco. Five different
NiO loadings of the catalyst pellets obtained are listed below:

Catalyst pellet C1 C2 C3 cC4 C5

NiO weight (%) 20 10 5 1 0.5

B.O.C LTD supplied the methane used in the experiments. It was 100 cp grade Helium carrier,
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hydrogen, carbon dioxide and nitrogen gases were purchased from B.O.C Ltd and were of a

purity sufficient for experimental requirements.

5.3 Experimental System

The main parts of the rig consisted of a methane and water feed section, a preheater and
evaporator section, the single pellet reactor, a condenser and dryer section and an analysis
section. The latter included a gas chromatograph (GC) and an infra red gas analyser as well as
a relative humidity meter (RHM). Schematic diagrams of the reaction flow systems are shown

in Figs.5.1 and 5.2.

5.3.1 Feed section

The methane was obtained from a cylinder. After pressure reduction by mean of a regulator,
the flow rate of methane was controlled by a mass flow controller within the range 20-70
ml(stp)/min. It then flowed into the preheater and evaporator, in which it was heated, and
mixed with steam in a predetermined ratio. Liquid water was fed by a syringe pump at flow
rates of 4.1, 6.5 and 9.7 ml/min, respectively. With such small flow rates, a small needle was
used to connect the water pipe from the pump to the inlet of the preheater and evaporator in
order that a continuous flow of steam was achieved. This homogeneous mixture of methane-

steam was then passed into the reactor.

5.3.2 Preheater and evaporator section
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A stainless steel tube with a heating wire coiled on its external surface was used to vaporize the
water. The energy input to it was controlled by a Variac. The temperature of the evaporator
ranged from 473-523 K. The stainless steel pipe that connected the exit of the evaporator and

the inlet of the reaction-diffusion cell played the role of the preheater/mixer for the methane and

steam.

5.3.3 The single pellet reactor

The structure of single pellet reactor was as the same of W-K type diffusion cell used before.
The reactor was electrically heated. A thermocouple was employed to measure the
temperature near the surface of the catalyst pellet. Since the length of catalyst pellet is only
0.0127 m, the whole pellet could be considered to be isothermal. Reaction temperature control
was achieved by a temperature controller connected to the temperature indicator and the

thermocouple. During an experimental run, the temperature deviation was +2 K.

5.3.4 Condensing and drying section

This section consisted of an air-cooled copper tube condenser and two silica gel dryers. On
leaving the reaction-diffusion cell, the reaction product was condensed and dried before being
analysed. In the case of catalyst pellets without holes (case A), there are two streams flowing
across each side of the reactor. The main stream from the feed side passed into the condenser
for separation and collection of unreacted steam. This wet gas stream was then passed through
the dryer to remove water vapour. The side stream from the sweep side passed first through

the relative humidity meter (RHM) to measure the water vapour content. Another dry stream
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was obtained after this wet gas stream flowed through another dryer. In the case of the catalyst

pellet with holes (case B), the flow through stream was condensed and dried.

5.3.5 Analysis section

The analysis section consisted of a gas chromatograph (Varian 3400), an infra red gas analyser
(Analytical development Co. Ltd.) and a relative humidity meter (Vaisala, Finland). The gas
chromatograph (GC) was used to detect the methane, carbon monoxide, nitrogen and low
concentrations of hydrogen. Carbon dioxide was measured by the infra red gas analyser and
water vapour in the side stream was analysed by the relative humidity meter (RHM). The

analysis methods will be described in detail below.

5.4 Analysis and Experimental Procedure

5.4.1 Analysis of reaction product

For the study of coupling of reaction and diffusion during methane steam reforming, it is
necessary to know the compositions of the exit gases. In the present work, the reactants and
products were methane, water vapour, hydrogen, carbon dioxide, carbon monoxide and

nitrogen.

The GC (Varian 3400) with a thermal conductivity detector (TCD) was used to analyse all
permanent gases except for carbon dioxide. The main operating conditions of the GC were:

Detector: TCD, temperature 413 K.
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Filament: temperature 523 K, current 270 mA.
Column: 5A molecular sieve, 2-meter length, i.d 2mm.
Carrier gas: Helium, flow rate 50 ml(stp)/min.
The retention times of the gases were identified by using the standard calibration gas mixture
supplied by Phase Separations Ltd. Under the operating conditions quoted above, Table 5.1
shows the retention times of each component.

Table 5.1 The retention time of gases

gas hydrogen oxygen nitrogen methane carbon
monoxide
t, min .30 .55 1.10 1.90 425

The calibration procedure was made by injection of these standard gas mixtures and gas
mixtures made from high purity nitrogen and other gases at operating conditions. The

calibration results are listed in Table 5.2.

By comparison of the peak area of component i in sample with its standard peak area, the mole
fraction of the component was determined. Carbon dioxide was detected by the infra red gas
analyser. The basic principle of operation of this instrument is a comparison of the radiation
absorbed by the sample gas with that of a standard concentration. The range over which the
analyser operates depends upon the length of the sample absorption chamber. (i.e. to alter the
range, the infra red radiation path length is changed ). In this work the analyser was operated
in the two ranges of 0.0-3.0 and 0.0-15.0 percent volume, respectively. The calibration of the
analyser was performed by using standard gas mixtures of nitrogen and carbon dioxide, made

from high purity nitrogen and carbon dioxide in different ratios. The calibration results of the



analyser are shown in Fig.5.3.

Table 5.2 The calibration results
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Componenti | Relation between concentrationy (%evol.) | Concentration range
and peak area A y (% vol.)
CH, y=6.3557x 10° A 0- 85
N, y=5.3741x 10° A 0- 90
Cco y=4.8667 x 10° A 0- 10
H, y=2.9499 x 10 A 0- 10

5.4.2 Experimental procedure

5.4.2.1 Pretreatment of the catalyst

Before the experiments were carried out, the fresh catalyst pellet had to be reduced. The

procedure used, was as follows:

1. The inlet to the sweep side of the reactor and the outlet of the feed side of the reactor were

closed.

2. The catalyst pellet was heated to 673 K in nitrogen and held at this temperature for 1 hour.

3. The catalyst pellet was then held at the same temperature for 4 hours in hydrogen to

reduce the nickel oxide to active metallic nickel.

4. After catalyst pellet reduction, the hydrogen gas was replaced by nitrogen to avoid air

ingress into the reactor and protect the pellet against oxidation at high temperature.
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5.4.2.2 Procedure for reforming experiments

After leak testing of the system with nitrogen, the reactor was heated to operating temperature
in nitrogen. When the reactor temperature had attained the required level, which was
maintained for at least 2 hours, the water pump was switched on at a larger flow rate than
required with the nitrogen flow continued. The methane feed replaced the nitrogen when water
drops appeared at the outlet of the condenser. After introduction of the methane-steam mixture
at a constant ratio, the reforming reaction was allowed to continue at a constant temperature
for about one hour to ensure steady state operation. Sampling started after the concentration

of carbon dioxide monitored by the analyser had attained a stable value.

5.5 Experimental Results

All experimental results discussed in this section were obtained with two types of catalyst
pellets of different active metal contents. The investigation considered the effects of diffusion,

active metal content, "contact time", pellet type and temperature on the conversion of methane.

5.5.1 Experimental results for case A and discussion

Experiment of methane steam reforming over catalyst pellets without holes is named as case
A. All experimental conditions are given in Table 5.3. The experiments for the low loading NiO
of the pellets were not mentioned in this Chapter because the extent of reaction was so low that

significant results were not obtained.
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Table 5.3 Case A experimental conditions

Cat. pellet Ci11 C21 C31
NiO % (wpu) 20.0 10.0 5.0
Cat. Weight gram 3.5134 3.1426 2.9981
H,O/CHs molar ratio 3.0
CH, flowrate =~ ml /min 28.-70.
Temperature K 853-873
Pressure kPa. 100

Figs.5.4-6 show the relations between the methane conversion and W/F ("contact time" i.e.
catalyst pellet weight divided by the feed rate of the methane expressed as kgcat second/kmole)
for the three catalyst pellets under conditions listed in Table 5.3. Under the same conditions,
the equilibrium conversion of methane is 70-80 %. The very low conversion of methane,
obtained from the experiments, means that only a small part of the methane feed takes part in
the reaction. In other words, most of the methane feed did not diffuse into the catalyst pellet,
and by-passed the catalyst. Comparing the conversions of methane from the Figs.5.4-6, there
are only small differences of conversion among the different active metal contents of catalyst
pellets. This suggests that the catalyst activity is not an important factor affecting the reaction
under the present experimental conditions. From these Figures, it can be seen that there is only
a small difference in conversion between the two reaction temperatures for the same catalyst
pellet. The small effect of temperature on the conversion of methane also implies that the most

significant factor controlling the reaction is that of reactant diffusion into the pellet in the
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present experiments. From the analysis data of the compositions of the outlet of side streams,
it is clear that most of the methane diffusing into the pellet had reacted with steam. On the
other hand, based on the compositions at the two sides at outlet and the effective diffusivities
of the gases measured by the diffusion experiments, the estimated amount of methane which
diffused through the pellets was about 10-12 x 10 kmoV/sec. This value is very close to the
values of methane converted during those experiments with a high feed flow rate. However,
this value is little greater than those of methane being reacted in the experiments of low feed
flow rate. This may indicate that the diffusion resistance from bulk phase to the surface of the

pellet was not eliminated completely in the present conditions.

In conclusion, for the methane steam reforming over the catalyst pellet without holes, the
diffusion rate of methane almost totally controls the methane conversion. Under this diffusion
limitation, other factors, such as the reaction temperature, the catalyst activity and the "contact

time", do not show any apparent effects due to the reforming reaction.

5.5.2 Experimental results for case B and discussion

The case B, methane steam reforming experiments were carried out over the catalyst pellet with
four holes. The diameter of each hole was 1.59 mm. The experimental conditions of case B are

listed in Table 5.4

The relations between methane conversion vs. "contact time " are shown in Figs.5.7 and 5.8.
It can be noticed that the methane conversion has now increased significantly, compared with

the case A experiments. The experimental methane conversion now attained 25-60 percent of
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equilibrium conversion. This suggests that the diffusion limitation to steam reforming over the
catalyst pellet with holes had been lessened considerably. Howeyver, the catalyst activity still did
not play an important role in affecting the reaction though its effect was greater than that in
case A. Interestingly, there are two trends of the effect of reaction temperature on methane
conversion with "contact time" change for the catalysts with different active metal content. For
the catalyst with the higher active metal content, the difference of methane conversions
between two temperatures increased with increase of "contact time", whereas a difference of
methane conversion between two temperatures decreased with "contact time" increase for the
lower activity catalyst. This effect could result from a change of the extent of diffusion
limitation on the catalyst pellets with different activities. In other words, the effect of diffusion
limitation on the catalyst pellet with higher activity is greater than on the catalyst pellet with
lower activity. From these experiments, it may be concluded that the diffusion of the reactants
from the external surface to the active sites of the catalyst is still the main factor controlling the
reaction compared with other experimental variables for the catalyst pellet with four holes.

Table 5.4 The experimental conditions of the case B

cat. Pellet Cl12 C32
NiO%(wpu) 20 5

cat. Weight gram 2.4019 27834
H,O/CH,4 molar ratio 4.0

CH, flowrate = ml/min 20.0-50.0
Temperature K 853-873

Pressure kPa. 100
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1: Catalyd pellet, 2 Gaschromatograph, 3: QO,analyser

4. Pressure transducer, 5. RHM, 6 Evaporator

7. Massflowcontrollers  8: Syiinge pump, 9 Condenser

10: Gasliquid separator, 11: Dryers 12: Temperature controller

g ” .

Fig.5.2 Schematic of flowsydem for methane seam reforming (pellet reactor, Case B)

1: Catalyd pellet, 2: Gas chromatograph, ~ 3: OQanalyser
4: Presure transducer, 5: Evaporator, 6: Massflowcontroller
7. Syinge pump, 8: Condenser, 9. Gasliquid separator

10: Dryer, 11: Tenperature controller
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CHAPTER 6 EXPERIMENTAL MEASUREMENTS OF METHANE
STEAM REFORMING AND THE REVERSE WATER GAS SHIFT
REACTION IN AN INTEGRAL REACTOR

6.1 Introduction

Methane steam reforming on a porous catalyst is a complex process. It not only involves
the transfer and diffusion of reactants and products between the bulk phase and catalyst
surface as well as within the catalyst, but also involves several reactions simultaneously in
parallel or in series. To investigate the intrinsic kinetics of methane steam reforming, it is
important to choose a suitable type of laboratory reactor. Generally, laboratory reactors for
heterogeneous reactions can be grouped into four types: differential, integral, gradientless
and single pellet reactors. There is no major difference between differential reactors and
integral reactors in construction. Single pellet reactors are mostly used for studying catalyst
poisoning and the influence of diffusion so that this type of reactor is not usually chosen
for a study of intrinsic kinetics. To deal with and interpret the experimental data,
differential or gradientless reactors are often preferred for an intrinsic kinetic study of
simple reactions in the laboratory. However, a high accuracy of composition analysis and
flow rate measurement is vital in using these two types of reactors. In view of the
complexity of methane steam reforming and the limitations of analytical equipment, an
integral reactor was chosen for the present experimental study of the intrinsic kinetics of

methane steam reforming.

The present experimental study can be classified into three groups according to their
purpose, i.e. (1) experiments to examine catalyst deactivation and to find a way to keep the

catalyst stability, and to eliminate the limitations of intraparticle diffusion; (2) experiments
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to obtain the methane conversion and product distribution of methane steam reforming at
different experimental conditions; (3) experiments to examine the carbon dioxide
conversion and product distribution of the reverse water gas shift reaction as a subsidiary
process in methane steam reforming experiments. For each group, the effects of mass
transfer and temperature difference between fluid phase and solid phase should be

determined or minimised.

6.2 Experimental Set up

6.2.1 Materials

The feed gases used were methane, hydrogen, carbon dioxide; the carrier gas for the gas
chromatograph (Varian 3400) used was helium. All gases are as the same purity and
supplier as for the diffusion experiments. Deionised water was used for production of
steam. A nickel/alumina catalyst (ICI steam reforming catalyst 57-4) of cylindrical type
with four axial holes was provided by ICI Katalco. The main properties of the catalyst are
listed in Table 6.1, and the pore size profile is shown in Fig.6.1. The original catalyst was
crushed into particles of average diameter 0.15mm. The amounts of catalyst loaded were
0.3 and 0.1 gram for the formal methane steam reforming reaction and the reverse water
gas shift reaction experiments, respectively.

Table 6.1 the catalyst properties

NiO content % 15-17
Surface area m’/g 14.30(average value)
Skeletal (He) density g/em’ 3.204
Geometric (Hg) density  g/cm® 1.792
Total pore volume cm’ /g 0.246

Porosity 0.44
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6.2.2 Experimental system

A schematic diagram of the experimental facilities used is given in Fig.6.2. Most
components were the same as used in experiments for the single pellet reactor. The

different components are described as below.

The integral reactor and evaporator used in present study are made from stainless tubes 1
cm inner diameter and formed into a Y shape and was covered by heating wires. A
sectional view is shown in Fig.6.3. The straight section 33.8 cm long served as the reactor,
while the side arm section, 21.5 cm long, was used as the evaporator/preheater. A
thermocouple was placed in the thermocouple well which was of 0.2 cm outer diameter
and was located at the centre/axis of the reactor. The thermocouple connected to a
temperature indicator and a temperature controller to monitor and control the reaction
temperature. Another thermocouple was located adjacent to the heating wire surrounding

the evaporator to measure and control the evaporator temperature.

A piston pump (Gilson Model 305) was used to transport deionised water to the
evaporator. Compared with the syringe pump used before, the piston pump can provide

water at any arbitrary flow rate required.

The analysis section contains the gas chromatograph (Varian 3400) and the infra red gas
analyser as used previously for the single pellet studies. The gas chromatograph (GC) was
used to analyse the methane and carbon monoxide only, and the infra red gas analyser was
used to detect the carbon dioxide. The concentration of hydrogen in the dry gases was

determined by a hydrogen balance since the GC with carrier gas helium and 5A molecular
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sieve column cannot detect high concentrations of hydrogen. The amount of steam

consumed was calculated by an oxygen balance.

6.2.3 Experimental procedure

6.2.3.1 Leakage testing

The fresh catalyst was loaded to a fixed position for each experimental run for methane
steam reforming. The space remaining between the steel mesh support and the outlet was
packed with inert o-alumina particles. Catalyst and o-alumina removal from the reactor

were prevented by a layer of glass wool at the outlet of reactor.

After catalyst loading, leak testing of the experimental system was carried out as follows:
(1) the system was pressurised with nitrogen to a pressure higher than the experimental
pressure desired; (2) the back pressure valve was closed; (3) when the system pressure was
equal to the nitrogen pressure, if the nitrogen flow rate decreased to or was very near a zero

value, the leak testing was finished.

6.2.3.2 Reduction of the catalyst

When the leak testing had been completed, the catalyst was reduced by the following
procedures: (1) the reactor was heated to 673 K at 3 K/min in nitrogen and maintained at
this temperature for one hour; (2) the catalyst was sustained at the same temperature for 2
hours in hydrogen, and then the catalyst was heated to 873 K at 2.5 K/min in hydrogen, (3)
the catalyst was kept at 873 K for one hour in hydrogen; (4) the temperature was deceased
to the required temperature in hydrogen. The catalyst was then ready for the reaction

experiments.
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6.2.3.3 Procedure for kinetic experiments

At the reference temperature, hydrogen and water were set at their reference flow rates.
Methane was fed into the evaporator at desired flow rate until water drops collected in the
gas/liquid separator. A sample analysis was done at 20 minutes for monitoring the
variation of the catalyst activity, since the experiment was run at reference conditions.
When near constant values for the sample analysis had been obtained (c.a. 4.5 hours from
the time of the methane was initially fed in), the operating conditions were changed to the
formal experimental conditions. During each experimental run, if the total feed flow rate
was increased, the order in which each feed flow rate was increased was: (1) hydrogen, (2)
water and (3) methane. Similarly if the total feed flow rate was decreased, the order was
reversed. By such means, the risk of carbon formation due to lack of steam in the feed

could be avoided.

6.3 Determination of Physical and Catalyst Deactivation Influences

on Methane Steam Reforming

In experimental studies of heterogeneously catalysed reactions, one of the objectives
should be to determine whether the investigation is concerned with catalytic kinetics or
with interactions between the kinetics and transport phenomena. The intrusion of
temperature and concentration gradients as well as catalyst deactivation (except for
deactivation studies) can lead to severe deviations in the catalyst performance, in many
cases completely disguising the true kinetics of the reaction. To ensure that the kinetic data
obtained in an experimental reactor reflect only chemical events, any physical resistances
must be minimised or eliminated.

Four aspects need to be assessed i.e..
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1) Intraparticle diffusion within the catalyst particles.

2) Interphase mass transfer between bulk bulk phase and the outer surface of the particles.
3) Temperature gradients within the particles and between the bulk phase and the solid
phase.

4) Catalyst deactivation.

For any gas-solid heterogeneous reaction in which the gaseous reactants pass through a bed
of solid catalyst particles, several physical and chemical steps are involved between the
gaseous reactants and the porous catalyst particles. In general, the sequence of these steps
is as follows:

1. Transfer of reactants from the bulk phase to the catalyst surface.

2. Diffusion of the reactants into the interior of the catalyst particle.

3. Adsorption of the reactants at interior sites of the catalyst.

4. Chemical reaction of adsorbed reactants to adsorbed products.

5. Desorption of adsorbed products.

6. Diffusion of products back to the exterior surface of the catalyst particle.

7. Transfer of the products from the exterior surface to the bulk phase.

Physical steps 1 and 7, 2 and 6 are termed as interphase mass transfer and intraparticle
diffusion respectively. As a rule of thumb, it can be concluded that the effects of steps 6
and 7 on the reactions are quite small, compared with steps 1 and 2. However, the effects
of the steps 1 and 2 on the reactions are sometime so significant that misunderstandings of
reaction kinetics are obtained from experiments. The chemical steps 3, 4 and 5 involve
activated adsorption of the reactants, surface reactions on active sites and desorption of the

products.
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In order to simplify the interpretation of the experimental data, it is desirable to minimise
the effects offered by each of these physical steps (1, 2, 6 and 7) and thus to study only the

intrinsic kinetics of the reactions.

For highly endothermic reactions or highly exothermic reactions, if the reactions are fast,
the catalyst particles are relatively big and transfer of heat between the bulk phase and
catalyst particles is insufficient, a temperature difference may be built up between the bulk
phase and the interior of catalyst particles, which often leads to inaccurate results obtained
from experiments due to the temperature in the interior of catalyst particles being different
from the bulk phase. It is necessary to minimise or account for any effect of temperature

difference on the experimental results.

Another key factor affecting the quality of the experimental data is catalyst deactivation

resulted from coking, poisoning and ageing.

It is evident that an experimental study of all these possible effects simultaneously is not
realisable because of their complexity. For the investigation of the intrinsic kinetics of the
reactions, it is necessary, therefore, that experiments are arranged to determine or eliminate
these different effects separately. Resistance to interphase mass transfer can be minimised
by operating at sufficiently high mass flow velocities to make the partial pressure
differences across the gas film negligible. The effects of intraparticle diffusion can be
eliminated by using catalyst particles of small size. Elimination of the effect of temperature
also can be achieved by using small catalyst particles. Changes in the catalyst activity due
to deactivation by coke deposition, poisoning and ageing can be avoided by employing

fresh catalyst for each run.
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6.3.1 Experiments to determine catalyst stability

The catalyst may be deactivated by coking (also termed as carbon formation) from some
reactions, poisoning from impurities and ageing. Even without coking and poisoning, it is
inevitable that the catalyst is slowly deactivated by ageing effects, such as sintering and
loss of active metal. To obtain more reliable result from experiments, the effects of coking
and poisoning on the catalyst activity have to be eliminated or minimised to an extent that
can be tolerated for the experimental requirements. In the present experiments, as the
methane was of purity cp. and deionized water was used as feed, it was unlikely that the
catalyst was poisoned by impurities. If catalyst deactivation does take place, the main

cause is likely to be coking.

Fig. 6.4 shows the variation of catalyst activity with time at p~=120 kPa, T=823 K,
H,0/CH, molar ratio = 3 and W/Fcu 4 = 1.336x10* kgcat s/kmol. It is clear that the catalyst
activity drops very fast. In such a case, the quality of the experimental data is unacceptable.
At the experimental conditions used above, the rate of carbon formation on the catalyst
should be quite slow. However, it was confirmed experimentally that small sized catalyst
particles are quickly deactivated by coking because reactions leading to carbon formation
can occur in the interior of the catalyst particles (Blue, et al,, 1952). Hence the fast
deactivation might be due to the use of a small size catalyst which had been selected to

minimise the effect of intraparticle diffusion.

Based on a thermodynamics analysis of possible carbon formation reactions, it was found

that methane decomposition is the main carbon formation reaction. To inhibit the methane
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decomposition, hydrogen, one of products of this reaction, may be added to the feed. By
increasing the hydrogen/methane molar ratio in the feed by small steps, an acceptable
equimolar ratio of hydrogen to methane was determined. At this ratio, other reaction
conditions, such as temperature, pressure and the steam/methane molar ratio could vary

over wider ranges.

Fig.6.5 shows the variation of catalyst activity with time at p=120 kPa, H,O/CH4+/H; molar
ratio = 5.5/1/1, W/Fcu 4 = 1.336x10* kgcat s/kmol and T=798, 823 K respectively. The
activity of the catalyst still drops rapidly during the first 200 minutes, but then more
slowly. After 250 minutes, the deactivation has become so slow that only minor
corrections, as explained in section 6.4, are sufficient to account for it. Deactivation for this
period is probably caused by ageing. The experimental data, for the kinetics study under

specific conditions, were collected during times from 270 to 450 minutes on stream.

The variation of catalyst activity with time for the reverse of the water gas shift reaction at
p.= 120 kPa, Hy/CO,=0.75, W/Fz =1800 kgcat s/kmol and 673 K is presented in Fig.6.6.
At the low temperature used with less risk of carbon formation from this reaction, the
stabilised activities of fresh catalyst and used catalyst were obtained. The data for the

reverse of water gas shift experiments were collected at 200-400 minutes on stream.

6.3.2 The effects of interphase mass transfer

For the catalyst to be effective, the catalyst must be brought into contact with reactants at

rates which are comparable with the rates at which reactants transfer from the bulk phase
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to the catalyst. Otherwise, the conversion will be controlled by mass transfer variables

rather than by the catalyst activity.

In a commercial reactor, there is almost no resistance to interphase mass transfer as a high
gas velocity is used which increases turbulence, which in turn promotes mass transfer from
the bulk phase to the catalyst surface. Taking account of the limitations of laboratory
equipment, the gas velocity used is as high as possible to minimise or eliminate the effect

of interphase mass transfer.

The resistance of interphase mass transfer can be determined by two ways. One is by

experimental methods, and another combines experiment and theoretical calculation.

The experimental method is to increase the gas velocity and catalyst amount in proportion
in order to keep the contact time constant. When the conversions reach a constant level the
bulk mass transfer resistance is eliminated. An example is seen in the results of a study of
the water-gas shift reaction on 9.4 mm diameter iron oxide pellets as reported by Hulburt
and Srini Vasan (1961). For this method to be reliable, it should be carried out carefully in
order to obtain conversions far from the thermodynamic limitation for reversible reactions.
otherwise, the thermodynamic limitation will mask the effect of bulk mass transfer on the

reaction.

The method of combining experiment and theoretical calculation used in this section is
described in detail below. In order to determine the effect of resistance due to interphase
mass transfer, consider the reversible methane steam reforming reactions.

CHs+ H,0=CO +3H;
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or CH; +2H,0=C0O;+4H,
At steady state the disappearance of methane, expressed in per unit mass of catalyst, may
be written either in terms of the mass transfer from the bulk phase to the surface or in terms

of the reaction rate on the catalyst,

r=kcam(Cap -Cas) 6.1
FCH4 XCH4
= W . (6.2)

cat
where Cap and Cas are the concentrations of methane in the bulk phase and at the catalyst
surface respectively, an, is outer surface area per unit mass of the catalyst, Fcys is a flow
rate of methane, Xcuq is a methane conversion and W, is the catalyst amount used and k¢
is the mass transfer coefficient between the bulk phase and catalyst surface. k¢ can be
correlated in terms of dimensionless groups that describe the flow conditions. For mass
transfer, the kc is a function of the Reynolds number d,G/p and Schmidt number pw/pDag -
Their different relationships can be found in the literature (Satterfield, 1970 and 1980;
Wakao et al. 1974; Froment et al. 1979 and Li Shaofen, 1986). By comparing the ranges
for these relationships being applied and the present experimental conditions as well as
comparing differences between kc calculated from these relationships, the following
relationship ( Li Shaofen,1986) was chosen for the determination of interphase mass

transfer:

kep (s 0.725
Scy * = 6.
G &F (Re,f* -0.15 ©3)

where:

dp = Diameter of a particle.
Dan = molecular diffusivity of the component A being transferred in

the mixed gases.
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u = viscosity of fluid.
G = mass velocity based on total cross-sectional area of reactor.
p = density of fluid.

Combining equations (6.1), (6.2) and (6.3) at steady state, we obtain:

CAb - CA: — FCHAXC’“IA
CAb n/:.‘arkcamCAb

(6.4)

If the rate of the reaction becomes entirely chemical rate-controlling the value of Cap
should approach Cas and (Cap - Cas )/Cap should be very small; under these conditions the
resistance to external mass transfer can be neglected. The values of (Cap ~ Cas )/Cas in
Table 6.1 were calculated directly from equation (6.4) by using the experimental data for
methane steam reforming at the reaction temperature of 823 K. The detailed calculation
procedure is given in Appendix B. It should be pointed out that equation (6.4) is strictly
valid for experimental data collected using a differential reactor. In the present
experiments, both reaction rates calculated from the equation (6.2) and Cap, are average
values for the reaction over the total reactor so equation (6.4) is only roughly valid for the
present case. From Table 6.2 it can be seen that the values of (Cap - Cas YCap are
extremely small. This indicates that the interphase mass transfer effects should be

negligible under the present experimental conditions.



99

Table 6.2 Determination of the effect of interphase mass transfer

Temperature Wt/ Fcna I e+ 10° (Cab -Cas )/ Cap
K kgcat. s /kmol kmol / kgeat.s x 10°
13356 3.13 2.34
10872 3.27 2.16
823* 8712 3.37 1.94
6516 3.41 1.64
4320 3.55 1.34
2880 3.67 1.10
13356 3.35 240
10872 3.78 2.48
823** 8712 4.04 232
6516 4.57 225
4320 5.12 1.99
2160 592 1.55

* H,0/CH4L/H;=5.5/1/1, py =120 kPa

** 1,0/CHy/H, = 4.0/1/1, p, =120 kPa

6.3.3 The Effects of intraparticle diffusion

When the catalyst particles are large, the resistance of intraparticle diffusion will reduce
the reactant concentration within the particles. Hence, the average reaction rate will be less
than what it would be if there were no internal concentration gradients. Under such severe
limitation of the intraparticle diffusion, incorrect experimental results, for the reaction

mechanism, activation energies and rate constants, will be obtained.

Intraparticle transport has been analysed for a wide variety of reaction kinetics and particle

geomgtries. Generally the objective has been to calculate an effectiveness factor, n, defined
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as the ratio of the observed rate to the rate would occur if the temperature and
concentration were constant throughout the catalyst particle. Solutions for the effective
factor show that m becomes inversely proportional to the characteristic dimension of the
particle in the regime of strong diffusion influence. Unfortunately, direct application of
such solutions requires knowledge of the true kinetic behaviour and the intrinsic rate

constant.

Some analytical criteria for the absence of significant diffusion effects which are
independent of the rate constant have been reviewed by Mears (1971). Because these
criteria were derived by means of linear approximation of the concentration gradient at the
surface or using a perturbation method for simple nth order irreversible kinetics, these can
fail for complicated reaction kinetics. In addition, the accuracy of these criteria is also

limited by the accuracy with which diffusivities and physical properties can be predicted.

To determine the effects of intraparticle diffusion reliably, an experimental method is
preferentially employed. The influence of intraparticle diffusion can be minimised by
decreasing the size of particle. By keeping other conditions constant and decreasing the
size of the particles gradually, the attainment of a constant conversion indicates that

intraparticle effects are totally eliminated for such sizes of particles.

The effects of particle size on methane steam reforming was examined using five different
average sizes of particles (0.608 mm, 0.440 mm, 0.253 mm, 0.150 mm, 0.105mm). Fig.6.7
shows methane conversions obtained on five sizes of particle at p= 120 kPa, HO CHy/H;

=4/1/1, Wea/ Fcua=2.225x10* kgcat.s/kmol and temperatures ranging from 748 to 823 K_ It

can be noticed that there are no significant changes in values of the methane conversion for
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the last two particle sizes, while conversion changes are appreciable for the three larger
sizes (particularly at high temperature). This result shows that the intraparticle diffusion
limitation can be negligible for small size particles within the present temperature range.
The decrease in conversion in the larger particles is evidence of diffusion limitations. At
the lower temperature of 748 K, the conversions reached a constant value with decreasing
sizes of particle much earlier, whereas at high temperature, a smaller size of particle is
required to eliminate the limitation of intraparticle diffusion. This is because the influence
of temperature on the reaction rate is stronger than the diffusion rate. In this study small
catalyst particles of 60-90 mesh size (average d, 0.150 mm) were used in order to minimise

the effects of diffusion in the interior of the catalyst particles.

6.3.4 Estimation of temperature difference between catalyst surface and bulk phase

For the highly endothermic reactions of methane steam reforming, there may be a
temperature difference between bulk phase and catalyst surface. At steady state conditions,
the disappearing rate of methane within the catalyst multiplied by the heat of reaction per

mole of methane must equal the rate of heat transfer from the fluid towards to the solid.

Hence
r(AH) =hau (T, - Ts) (6.5)
Rearranging equation (6.5),
Ts- To=r (-AH) /h ay, (6.6)
1.1
where 06C (Li Shaofen, 1986) 6.7

= P’ (Repom_ 0.1—5)

and Pr=Cmpu/Ar (6.8)



102

here Ty and T; are the fluid and solid temperatures respectively, AH is the heat of reaction
per kmol methane, h is the heat transfer coefficient, C;n is the heat capacity per unit mass
of fluid, Pr is the Prandtl number, and Aris the thermal conductivity of the fluid. From the
analogy between the mass transfer and the heat transfer and applying js and ji functions,
another equation for estimation of the temperature difference has been given by Satterfield

(1980) as follows

_ 2/3
T -T,= QLEJ (_ AHXCAb _CAs) (6.9)
.]h SC pCpm

From equations (6.6) and (6.9), the temperature difference is seen to been directly
proportional to the reaction heat per kmol reacting component. Equation (6.9) emphasises
the fact that, if the heat of reaction is large, even though mass transfer limitations may be

small, heat transfer can still cause significant effects.

The temperature differences in Table 6.3 were calculated directly by using equations (6.6)
and (6.9) with the experimental data for methane steam reforming at a reaction temperature
of 823 K. The small temperature difference obtained is compared to the reaction
temperature used. This indicates that the resistance to heat transfer is very small and the
effects of temperature difference could be neglected in the present study. In addition, the
temperature gradient within the catalyst particle can be neglected because of the small size

of particles employed in the study.
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Table 6.3 Temperature difference between the catalyst surface and bulk phase

Temperature Weat/ Fona ATK AT K
K Kgcat s /kmol | eqn. (6.6) eqn. (6.9)
13356 -0.84 -0.90
10872 -0.81 -0.86
823* 8712 -0.77 -0.81
6576 -0.69 -0.73
4320 -0.59 -0.63
2880 -0.50 -0.53
13356 -.0.97 -1.03
10872 -1.03 -1.09
823%** 8712 -1.00 -1.06
6576 -1.06 -1.07
4320 -0.93 -0.99
2160 -0.78 -0.83

* H,0/CH/H; = 5.5/1/1, p, =120kPa

** H,O/CHy/H, = 4.0/1/1, py =120kPa

6.4 Methane Steam Reforming Experimental Results and Discussion

6.4.1 Experimental mode and correction of experimental results

The thermodynamic relationships for methane steam reforming limits any kinetic study to

a rather narrow temperature range. Also reaction pressure and total flow rate are limited by

the equipment. The conditions chosen for the experiments are listed in Table 6.4. For

steam reforming, the temperature range was well below that practised industrially.
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However, the temperature had to be limited to such a range to avoid measuring only

equilibrium conversions.

Based on the catalyst stability experiments for methane steam reforming, a mode of
operation enabling runs to be completed within one day was chosen, but using fresh

catalyst due to its slow deactivation

After the catalyst had been reduced, standard experimental conditions were set as follows
Temperature = 798 K
Pressure =~ =120kPa
H,O/CH4/H; =5.5/1/1
Wt /Feua = 13356 kgcat s /kmol
The above conditions are considered to be the reference conditions for methane steam

reforming.

Tests under reference conditions were carried out for each experiment, prior to runs at
other conditions. The contact time of the test was assigned a (Weat/Fcug)1 value at the
beginning of each set of experiments. When the data collection was finished, the contact
time (Wea/Fcna)z for obtaining the same conversion as at the beginning was determined.

The correction factor for contact time due to the catalyst deactivation is given by

(6.10)
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Where t is time for collecting data from the beginning of the test, and t;. is the time

duration from the beginning of the test to the end of the test. The correct contact time is

then

Wa | _ f Wea
(?HJ =1, (6.11)

For convenience, the corrected contact time is still termed the contact time, and it is
expressed as Wea/Fcus in the all following descriptions. Details of the experimental results
of methane steam reforming are listed in Table 1-5 in Appendix A. Each point is an
average of the analysis of three to five samples taken. Any obvious error detected by a

carbon balance was discarded.

Table 6.4 Experimental conditions for methane steam reforming

Pressure H,O/CH4/H, Temperature
kPa K
120 4/1/1 748, 773, 798, 823
120 5.5/1/1 748, 773, 798, 823
300 5.5/1/1 748, 773, 798, 823
450 5.5/1/1 798, 823
600 5.5/1/1 748, 773, 798, 823
120 7/1/1 748, 773, 798, 823

.6.4 2 The effects of temperature, pressure and ratio of steam/methane

on methane conversion

Typical methane conversions vs. contact time are shown in Figs 6.8-10. Except for the
positive effect of temperature on methane conversion found, two other main observations

may be noted from the conversion-contact time data. First, the temperature effect is
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augmented as temperature increases. In other words, the effect of temperature on methane
conversion is non-linear due to a non-linear relationship between reaction rate constants
and temperature. Secondly, when methane conversion is low, methane conversion is
almost proportional to contact time at a constant ratio of steam/methane. Comparing the
figures, it is also found that this proportional trend is enhanced by an increase in the
H,0/CHy, ratios. This indicates that the rate of methane disappearance is proportional to the
partial pressure of methane at low product concentrations, due to insignificant back

reaction.

Methane steam reforming is sensitive to reaction pressure. High pressure not only
enhances the forward reaction rates but also greatly enhances the backward reaction rates.
Thus a high applied pressure will not benefit methane steam reforming with regard to
methane conversion. Figs. 6.11 and 6.12 show the effects of pressure on methane
conversion. Under the present conditions, a positive effect of pressure on methane
conversion is showed in Figs. 6.11, 6.12. This is due to the low temperature used and the
low product concentrations obtained in the experiments, and also because the enhancement
of the forward reaction rate with pressure increase is larger than that of the backward
reaction rate. Variations of these effects are presented in Fig.6.13, indicting the decreased
significance of these effects with temperature and contact time increase. This is consistent

with the thermodynamics and kinetics of methane steam reforming.

From the main reactions of methane steam reforming, the maximal stoichiometric ratio of
steam/methane is 2. However, high ratios of 3 to 5 used are preferred to minimise carbon
formation in a commercial reformer. To examine the effects of the ratio on steam

reforming, three different ratios were used in present investigation. The dependence
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between methane conversion and the H,O/CHj, ratio are shown in Figs.6.14-15. It can be
seen that the conversions decline as the ratios increase. Reasons for this are twofold: (1) at
a high ratio of steam/methane, the low methane concentration may result in decrease of the
fractional methane coverage fractional on the catalyst, and a high proportion of the steam
molecules would occupy the more active sites of the catalyst, which in turn obstructs the
adsorption of methane, (2) a high ratio of steam/methane used would decrease the actual

residence time with increase in steam flow rate.

6.4.3 The effects of temperature, pressure and the ratio of steam/methane on product

distribution

Many reactions are involved in methane steam reforming. Thus the operating conditions,
such as temperature, pressure and the steam/methane ratio will affect the product
composition. In practice, for the manufacture of synthesis gases and hydrogen, operation
with surplus steam is preferred, whereas for other applications a minimum steam surplus is
required, (for example for the manufacture of reducing gas for direct reduction of iron
ore). Another trend has been the wish to operate at low steam/methane ratios to achieve
the optimum carbon monoxide/hydrogen ratio for alcohol synthesis or oxosynthesis. In
most industrial cases, the product composition approaches the equilibrium composition
which depends on the temperature and pressure at the exit of reformer as well as on the
feed composition. For such cases, the influence of these operational parameters on the
product composition, i.e. product distribution, depend on the thermodynamics of the
reactions. The product distribution far from the equilibrium conversion is of benefit in

study of the kinetics of the various reactions.
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Figs. 6.16-18 show the variations of carbon dioxide selectivity, as a function of
temperature and methane conversion at different steam/methane ratios from which the
product distribution can be determined. An almost linear decrease of the selectivity with
conversion increase was obtained at constant temperature and constant steam/methane ratio
is observed from these figures. A possible reason for this decrease is that carbon dioxide is
converted to carbon monoxide via the reverse water gas shift reaction. High values of the
selectivity obtained at low methane conversions suggest that the main primary product is
carbon dioxide. However, with the selectivities being less than 1 at low conversions, this
also means that carbon monoxide is one primary product of the reactions. It is also found
that the selectivity continuously drops as temperatures increase. This may result from the
different effect of temperature on those reactions which produce carbon dioxide, and those
which produce carbon monoxide. Based on the decreased trend of selectivity with
temperature increase, it can be expected that both carbon dioxide and carbon monoxide

will be the main primary products at high temperature.

An increase of the steam/methane ratio causes a considerable selectivity increase as shown
in Figs.6.19-20. Comparing Fig.6.19 with Fig.6.20, the larger increase of selectivity is
found at the higher temperature. High concentrations of steam are favourable to reactions
which produce carbon dioxide from methane directly, and inhibit the reverse water gas
shift reaction that consumes carbon dioxide. This is one of the considerations that justify

the use of surplus steam for manufacture of hydrogen and synthesis gas.

No noticeable effects of pressure on the selectivity are found from Figs. 6.21-22. This may

be because methane steam reforming is first order with respect to the partial pressure of
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methane, and surplus steam is used, as well as the fact that experiments were carried out at

low methane conversions in the present investigation.

6.5 Experimental Measurement of the Reverse Water Gas Shift Reactions and Discussion

6.5.1 Experimental results

As the water gas shift is essentially at thermodynamic equilibrium during methane steam
reforming (details of the analysis are given in section 3 of Chapter 7), it was necessary to
do the shift reaction on the same catalyst at a low temperature for determining the kinetic

parameters of the reaction.

For the shift reaction, reference experimental conditions were chosen to measure the
change in the catalyst activity throughout these experiments. The reference experiment was
carried out at:

Temperature = 673 K

Pressure = 120 kPa

H,/CO,=0.75

Weat/Fcoz = 1800 kgeat. s/kmol
Two different feed compositions were used to the reaction, each was run at four different
temperatures. The experimental data for each feed composition were collected at one
catalyst loading since the activity of the catalyst used was restored by hydrogen re-
reduction. Minor corrections of experimental data due to slow catalyst deactivation were

taken into account in the same way as for methane steam reforming described above. The
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experimental conditions are listed in Table 6.5. Full details of the results obtained are

presented in Tables 6 and 7 in Appendix A.

Table 6.5 Experimental conditions for the reverse water gas shift reaction

Pressure Hiy/ CO, Temperature
KPa K
120 0.75 598, 623, 648, 673
120 0.50 598, 623, 648, 673

6.5.2 Preliminary analysis and discussion of experimental results

Typical carbon dioxide conversions, conversions of carbon dioxide into methane and
carbon monoxide vs. contact time are shown in Figs. 6.23-25 at p=120 kPa and H,/CO,=
0.75 with different temperature. The monotonic increase of conversion Xcus of carbon
dioxide into methane with contact time is exhibited in Fig.6.25. This is because methane
either could be produced from reaction with carbon dioxide and hydrogen directly or could
be produced from reaction with carbon monoxide and hydrogen indirectly, and the
concentration of steam produced was so low that methane steam reforming reaction is
unimportant, compared with reactions which produced methane. As carbon monoxide is
not only a product of reverse water gas shift reaction, but also is a reactant to produce
methane, a non-monotonic change of the conversion Xc¢o of carbon dioxide into carbon
monoxide is expected at high conversions of carbon dioxide and high reaction

temperatures as shown in Figs.6.26.

Fig. 6.27 shows the effects of the ratio of hydrogen/carbon dioxide on the conversion of

carbon dioxide. Increase of this ratio promoted carbon dioxide conversion though a high
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hydrogen flow rate decreases the actual residence time of feed throughout the reactor.
According to the stoichiometry of the reactions, hydrogen is a limiting reactant under the
present feed compositions. Thus, increase of this ratio should enhance the reactions to

convert carbon dioxide into carbon monoxide or methane.
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CHAPTER 7 INTRINSIC KINETICS AND PARAMETER ESTIMATION

OF METHANE STEAM REFORMING

7.1 Introduction

Further analysis of the experimental results from Chapter 6 is done in this chapter. First of
all, the main reactions involved in methane steam reforming were analysed
thermodynamically and the effects of pressure and steam/methane ratio on the initial
reaction rate were studied. A possible reaction mechanism of methane steam reforming is
proposed, with the intrinsic rate equations derived by using the Langmuri-Hinshelwood-
Hougen-Watson (LH-HW) approach and Freundlich’s non-ideal adsorption concept.
Parameter estimation was based on the minimisation of the sum of residual squares of the
reaction rates obtained by the experiments and predicted by the models. Model
discrimination was carried out by the physical characterisation of parameters and
comparison with the sums of the residual squares. The verification of the intrinsic kinetics

was achieved by comparing the calculated and experimental conversions.

7.2 Thermodynamic Analysis of Methane Steam Reforming

7.2.1 Wet gas composition

For thermodynamic analysis, the wet gas composition was determined first. For methane

steam reforming experiments, the feed flowing in the reactor contained only methane,

steam and hydrogen and the exit effluent comprised methane, steam, hydrogen, carbon

dioxide and carbon monoxide.
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From the carbon, oxygen and hydrogen element balances respectively, the following

equations were obtained:

1o, =i (1= X ) (1.1)

Mo, = né'H4X co, (7.2)

Mg = né‘H4 - ng'H4 - ng‘o, (7.3)

Hgpo = (ml - 1)"2‘}14 + ngH, - ngoz (7.4)

n}}z = (mz + 3)";:;14 - 3"2'114 + Mo, (7.5)
0 i i o

Protar = (m1 +m, + 1)1(.'}!4 + 2(”c11,, —nCH4) (7.6)

Where m;, and m; are molar ratios of steam/methane and hydrogen/methane respectively,

n,and njare molar flow rates of component j at inlet and outlet of the reactor respectively,

and n,,, is a total molar flow rate at outlet of the reactor.

Combining the above equations and the definitions of Xy, and X, for methane steam

reforming experiments, molar fractions of all components were derived as follows:

Yo, = 1—% 71.7)
Vi = 2 Xz;n_ ul- (71.8)
Yeo = f% (7.9)
Yoo, =2 (7.10)
P, =2 +3);:”’;1+XC0’ (7.11)

where dem=1+m +m,+ Xy
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For the reverse water gas shift experiments, the feed flowing in the reactor contained only

hydrogen and carbon dioxide, whereas the effluent contained all five components present

in methane steam reforming. In a similar manner, with the definitions of X, and

X o, for the reverse water gas shift reaction, the mole fractions of all components could be

calculated by:
Yen, = X, (7.12)
des
Yo = XCOzd: SXC” (7.13)
Yeo = %XC”—‘ (7.14)
Yeo, = l"d):;‘% (7.15)
Vi, =2 Xco, =3 e, (7.16)

where mj is molar ratio of hydrogen/carbon dioxide, and
des =1+m; —2X oy,
The equations obtained above may be used for calculation of the wet gas composition at

any arbitrary reaction extent if the corresponding X, and X, are given, even though

the equations were derived by mass balances from the inlet to the outlet of the reactor.

7.2.2 Thermodynamic analysis
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7.2.2 Thermodynamic analysis

The overall reaction of methane and steam to form carbon, carbon monoxide, carbon

dioxide and hydrogen may be presented by the following 11 equations (Dirksen, et al,

1953; Akers, et al, 1955; Xu and Froment, 1989):

CH, + H,0 = CO + 3H; (1)
CO +H,0=CO, +H, v))
CH, + 2H,0 =CO, +4H, (3)
CH, + CO, = 2CO +2H, “4)
CH, +3CO; =4CO +2H,0 (5)
CH,4 =C +2H, (6)
2CO =C +CO, (M
CO +H,=C +H;0 ®
CO, +H;=C +2H,0 (9)
CH, +2CO=3C +2H;0 (10)
CH; +C0,=2C +2H;0 (11)

The equilibrium constants of reactions (1-5) in the experimental temperature range can be
calculated from the Gibbs free energies of the reactions, while those of reactions (6-7)
were obtained from the literature (Reitmeier, et al, 1948). The other reaction equilibria can
be calculated from combining with reactions (1-7). The equilibrium constants of the

reactions are listed in Table 7.1

From the standpoint of the thermodynamics of a reaction system, the ratios of

— (7.17)

Pi
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represented by Vi, were calculated from the experimental results. If Vi is less than 1,
reaction i is proceeding to the right, otherwise, the reaction has a tendency to go to the left.
In other words, the possible direction of the eleven reactions can be determined by the
values of their V;. Figs.7.1-4 show the distributions of Vi with reaction extent at P=120
kPa, T=823 K, and at a steam/methane/hydrogen=5.5/1/1. Similar results were obtained
from experiments on methane steam reforming at other conditions. From Fig. 7.1, it can be

Table 7.1  Equilibrium constants

1 Kopi Dimensions
1 1.198 10" exp(-26830/T) (kPa)*
2 1.767 10”2 exp(4400/T) (kPa)’
3 2.117 10" exp(-22430/T) (kPa)®
4 6.780 10'® exp(-31230/T) (kPa)?
5 2.170 10%exp(-40030/T) (kPa)?
6 4.161 107 exp(-10614/T) kPa

7 5.744 10"2exp(20634/T) (kPa)™
8 3.173 10"%exp(16318/T) (kPa)™
9 1.753 107 exp(12002/T) (kPa)™
10  4.190 1072 exp(22022/T) (kPa)!
11  0.730 exp(1388/T) (kPa)°

seen that V,of reactions (1), and (3), (4)and (5) increase monotonically with reaction extent
and are always smaller than one. This indicates that these reactions should proceed to the
right in terms of thermodynamics. Since the observed methane disappearance rate
decreased as methane conversion increased and therefore the carbon dioxide concentration
increased, in contrast with the V4 and Vs values, the rates of reactions (4) and (5) could be
quite slow. Thus reactions (4) and (5) were not considered to occur from the viewpoint of
kinetic analysis The V; and V; distributions with reaction extent are presented in Fig. 7.2.

The V; distribution suggests that the reaction (2) should proceed to the right initially for
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low extent of reaction, and then reverse to the left as the reaction extent increased. This
means that the part carbon monoxide was produced from the reaction (2) at high reaction
extent. It may be a proof of the possible carbon formation caused by the methane
decomposition reaction (6) that Vg is less than 1 at low extents of reaction as shown in
Fig.7.2. The quite large values of V; for reactions (7-11) obtained are shown in Figs.7.3-4.
This attests that no carbon formation resulted from these reactions. If these reactions were
involved in methane steam reforming, they would progress to the left according to

thermodynamics under the present experimental conditions.

A similar analysis applied to the data on the reverse water gas shift experiments. The V;
values exceeded one for reactions (1-5) suggesting that these reactions tend to go the left.
Since the carbon dioxide concentration decreased monotonically as contact time increased,
the effects of reactions (4-5) proceeding to the left on the process mass balance would not
be meaningful. Among the six reactions involving carbon, five reactions (7-11) proceed to
the right and could yield carbon, as their V; values were much smaller than one, whereas
reaction (6) displayed a tendency to the left, which might play a role in decoking to some
extent. During the reverse water gas shift experiments, it was found that there was
noticeable carbon formation on the catalyst, hence this would not significantly affect the
mass balance for the kinetics consideration. Based on this study of thermodynamic analysis
supplemented by a kinetics analysis, the process of methane steam reforming, and the
reverse water gas shift can be described on the basis of reactions (1-3) for the study of the

intrinsic kinetics.
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7.3 The Possible Rate Controlling Steps (r.c.s) of Methane Steam Reforming

Methane steam reforming consists of a series steps: reactants are adsorbed on the catalyst
surface with or without dissociation, surface reactions occur between reactants adsorbed or
between reactants adsorbed and reactants in the gas phase, and finally desorption of
products occurs. These steps may have nearly the same rates. However, in most cases of
gas-solid heterogeneous catalytic reactions, there are one or more slowest steps, which
control the total reaction rate and are termed as rate controlling steps. The determination of
the rate controlling step(s) is very useful in postulating a kinetic mechanism and in
deriving the rate equations. When the effects of heat and mass transfer, intraparticle
diffusion and deactivation have been minimised or eliminated, an analysis of the effects of
operating conditions on the initial reaction rate can provide some meaningful clues for
guessing the rate controlling steps. For instance, the effect of total pressure or partial
pressure, (i.e. concentration), on initial reaction rate has been used for determining the rate

controlling steps for several types of reaction (Yang, and Hougen, 1950)

7.3.1 Reaction rates derived from data on the integral reactor

Measurements of concentration and flow rate lead to kinetic data in terms of reaction rates
for differential, CSTR, and recycle reactors. On the other hand, integral kinetic data are
obtained in integral reactor. However, the integral kinetic data can give reaction rates by
mathematical manipulation. In this section, second or third degree polynomial regression
were used for correlating relationships between methane conversion and contact time, and
between conversion of methane into carbon dioxide and contact time respectively;

numerical differentiation was used for deriving the reaction rates from the relationships.
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Applying polynomial regression to the experimental data for methane steam reforming, the
relationships for a fixed temperature, pressure and the ratio of water/methane/hydrogen

were obtained as follows:

2 3
/4 /4 w
X. =a+a|2—|+a| 2—| +a| 22— 7.18
o " al[FCHJJ az(FC-'h} aB(FCFh} ( )

2 3
w W W
X o, = bo + bl[-}:z‘—) + bz(;‘CH—‘J + bs(?;} (7 19)

Some of the a; and b; constants are listed in Table 7.2.

By differentiating equations (7.18) and (7.19), the methane disappearance rate and carbon

dioxide formation rate can be given respectively as

2
dX
Tey, = ———2< =a, +2a, s +3a, i (7.20)
/4 F, cH, F, cH,
Fu,
dX W w Y
rCO, = bl +2b2 —— +3b3 — (7-21)
74 F, A, F, cH,
d
Fa,

Similarly, applying the procedures above to the reverse water gas shift experiments, the

carbon dioxide disappearance rate and methane formation rate can be obtained from

2
dX, W
Top, =—F—2<=a +2a;(FL)+3a{F ) ax
a{ /4 ) 0, 0,
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2
Tow = E—CLH‘— =b + Zb;[ 4 J+3b3‘[—W—] (7.23)
‘ w Feo, Feo,
=
Table 7.2 Correlation of conversion data
ao (bo)x10®  ay(b))x10° as(b)x10°  a3(b3)x10"
748 K 0.03690 1.2471 -0.1444
Xcusa 773K -0.02036 2.1734 -0.3102
P=120kPa 798 K 0.1332 3.4292 -0.8011
H,0/CH4/H, 823K 0.6764 5.7203 -1.8931
=4/1/1 748 K 0.01887 1.2009 -0.1499
Xcoz 773K -0.1745 2.0620 -0.3210
798 K 0.1886 3.1553 -0.7882
823K 0.7589 49861 -1.6971
748 K -0.05345 0.7894 -0.06790
Xcua 773K -0.2194 1.5294 -0.01696
P=120kPa 798 K -0.2591 2.4181 -0.1373
H,0/CH4/H; 823K 0.8996 3.6050 -0.08804 -0.2510
=55/1/1 748 K -0.04759 0.7639 -0.06102
Xcoz 173K -0.1881 1.4465 -0.01090
798 K -0.2170 2.2337 -0.1627
823 K 0.1230 3.3117 -0.1341 -0.2330
748 K -0.04810 0.7697 -0.04120
Xcus 773K -0.1045 1.3687 -0.04445
P=120kPa 798K -0.1006 2.0453 -0.1580
H;0/CH4/H, 823K 0.02009 2.5509 1.6934 -1.0892
=7.0/1/1 748 K -0.04776 0.7618 -0.02877
Xcoz 773K -0.09124 1.3228 -0.04865
798 K -0.08179 1.9766 -0.1863
823K 0.1161 2.5386 1.2192 -0.8730
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7.3.2 Effects of experimental conditions on initial reaction rates

Letting

=0, the initial methane disappearance rate can be derived from equation
CH,

(7.20). Fig.7.5 shows initial methane disappearance rates were obtained at P~=120kPa, for
different temperatures and steam/methane/hydrogen ratios. From this Figure, two
conclusions can be obtained. First, the initial methane disappearance rate decreased as the
steam concentration increased, even though steam served as a reactant in methane steam
reforming. Secondly, the effect of steam concentration on initial methane disappearance
rate increased with temperature increase. The reasons for this behaviour are twofold: (1)
the increase of steam concentration actually decreased the methane concentration in the
system for a given total constant pressure and the methane disappearance rate is first order
with respect to methane as confirmed by most investigators (Akers and Camp, 1955,
Bodrov et al, 1967, Ross and Steel, 1973, Kopsel et al, 1980, Xu and Froment, 1989), (2)
the high steam concentration hinders methane from adsorbing on the catalyst surface,
particularly at high temperatures as high temperature is favourable to water vapour

adsorption with dissociation on the catalyst surface.

The effects of total pressure on initial methane disappearance rates are presented in Fig.7.6
at ratios of steam/methane/hydrogen=5.5/1/1 and for different temperatures It is clear that
the initial methane disappearance rates increased slightly as pressure increased. Based on
this fact, desorption of products is not the rate controlling step of steam reforming.
Comparing this Figure with the Figures for the determination of rate controlling steps
presented by Yang and Hougen (1950), it suggests that the surface reactions are rate

controlling during methane steam reforming
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7.4 Model Development

From the literature survey presented in Chapter 2, the following possibilities regarding the
mechanism of steam reforming on different catalyst at different conditions have been
reported by some investigators.
Steam: (al) steam is adsorbed on the catalyst:
H,0 + s = H;O(s)
(a2) steam is adsorbed on the catalyst with dissociation:
H;0 + s = H,+0O(s)
Methane: (b1) methane is adsorbed on the catalyst:
CH,+ s = CHa(s)
(b2) methane is adsorbed on the catalyst with dissociation into Hz and CHj:
CH4 + s=CHz(s) + H,
or CH, + 3s = CHz(s) +2H(s)
(b3) methane is adsorbed on the catalyst with dissociation into H; and C:
CH;+s =C(s) +2H;
or CH4 + 55 = C(s) + 4H(s)

where s is a active site of the catalyst

7.4.1 Kinetic mechanisms
By different combinations of the possibilities for steam and methane above, at least six
kinetic mechanisms can be postulated. The way in which they are combined and the

descriptions of the process are listed in Table 7.3.
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Table 7.3 Descriptions of the kinetic mechanisms and combinations

Kinetic mechanism Combination Description
1 (al) and (b1) | Steam and methane adsorbed on the
catalyst respectively.

Steam adsorbed on the catalyst and
2 (al) and (b2) | methane absorbed on the catalyst with
dissociation into CH; and H; or adsorbed H

Steam absorbed on the catalyst and
3 (al) and (b3) | methane absorbed on the catalyst with

dissociation into C and H, or absorbed H

Methane absorbed on the catalyst and steam
4 (a2) and (b1) | adsorbed on the catalyst with dissociation
into H, and adsorbed O

Both methane and steam adsorbed on the
5 (a2) and (b2) | catalyst with dissociation, methane
dissociated into CH; and H, or adsorbed H

Both methane and steam adsorbed on the
6 (a2) and (b3) | catalyst with dissociation, but methane
dissociated into C and H; or adsorbed H

In order to develop these kinetic mechanisms in detail, some assumptions are applied to the
different kinetic mechanisms, based on information which is well accepted in the literature.
The surface reactions producing CO and CO, are chosen as the rate controlling steps (r.c.s)
from the analysis made in section 7.3.2. Among the six possible kinetic mechanisms, the

kinetic mechanism 5 is remained only to the end of the model discrimination. Criteria used
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in the model discrimination will be given in the Section 7.5. To shorten the content of this
Chapter, the three possible kinetic mechanisms, which include the kinetic mechanism 5, to

be selected are described in detail below.

Kinetic mechanism 2:
Basic assumptions:

1) Steam adsorbs on the surface nickel atoms.

2) Methane reacts with surface nickel atoms, yielding the adsorbed radical CH; and
adsorbed H.

3) The adsorbed steam and adsorbed CH; react to form CH,O which dissociates into
absorbed CHO and adsorbed H.

4) The adsorbed CHO either dissociates into adsorbed CO and H, or reacts with adsorbed
steam, yielding adsorbed CO; and H.

5) Adsorbed CO reacts with adsorbed steam to form CO,, or desorbs into the gas phase.

Under these assumptions, the following kinetic scheme may be suggested:

H,0 + s = H,0(s) (m2.1)
CH, +3s = CHa(s) +2H(s) (m2 2)
CHy(s) + HyO(s) + s =CH,0(s) + 2H(s) (m2.3)
CH,O(s) + s = CHO(s) + H(s) (m2.4)
resl CHO(s) + s = CO(s) +H(s) (m2.5)
rcs?2 CO(s) + H0(s) + s = CO4(s) + 2H(s) (m2.6)
rcs3 CHO(s) + H;0(s) + 2s = CO4(s) + 3H(s) (n2.7)
CO(s)=CO +s (m2.8)
COy(s) =CO; +s (m2.9)

2H(s) =H; + 2s (m2.10)
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Kinetic mechanism 4:
Basic assumptions:

1) H;O reacts with surface nickel atoms, yielding adsorbed oxygen and gaseous
hydrogen.

2) Methane adsorbs on surface nickel atoms.

3) Adsorbed methane and adsorbed oxygen react to yield adsorbed CH,O which
dissociates into adsorbed CHO and adsorbed hydrogen.

4) Adsorbed CHO dissociates into adsorbed CO and H, or reacts with adsorbed oxygen,
yielding adsorbed CO; and H in parallel.

5) Adsorbed CO reacts with adsorbed oxygen to form CO,, or desorbs into gas phase.

The following kinetic scheme can be postulated, based on the above assumptions

H;0 + s = H, +0(s) (m4.1)

CH. + s = CHa(s) (m4.2)

CHa(s) + O(s) + s = CH,O(s) + 2H(s) (m4.3)

CH;O(s) + s = CHO(s) + H(s) (m4.4)

rcsl CHO(s) + s = CO(s) + H(s) (m4.5)
rcs2 CO(s) + O(s) =CO4(s) +s (m4.6)
rcs3 CHO(s) + O(s) = COx(s) +H(s) (m4.7)
CO(s)=CO +s (m4.8)

COx(s)=CO, +5 (m4.9)

2H(s) =H; + 2s (m4.10)

Kinetic mechanism 5

The basic assumptions made for this kinetic mechanism are as follows:
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1) H2O reacts with surface nickel atoms, yielding adsorbed oxygen and gaseous hydrogen

2) Methane reacts with surface nickel atoms, yielding adsorbed CH, radicals and
adsorbed H.

3) The adsorbed radicals CH; and adsorbed oxygen react to yield adsorbed CHO and
adsorbed hydrogen.

4) Adsorbed CHO dissociates to adsorbed CO and H, or reacts with adsorbed oxygen,
yielding adsorbed CO; and H in parallel.

5) Adsorbed CO reacts with adsorbed oxygen to form CO,, or desorbs into the gas phase.

Based on these assumptions, the kinetic mechanism 5 can be described by

H,0 + s = H; +O(s) (m5.1)

CH, + 3s = CHy(s) +2H(s) (m5.2)

CHx(s) + O(s) = CHO(s) + H(s) (m5.3)

resl CHO(s) + s = CO(s) + H(s) (m5.4)
rcs2 CO(s) + O(s) =COx(s) +s (m5.5)
rcs3 CHO(s) + O(s) = COx(s) +H(s) (m5.6)
CO(s)=CO +s (m5.7)

CO4(s)=CO; +s (m5.8)

2H(s)=H, + 2s (m5.9)

7.4.2 Rate equations

Applying the LH-HW approach to the six different the kinetic mechanisms postulated
above, different rate equations can be derived. Because other five kinetic mechanisms are

rejected by the model discrimination done in the following Section 7 5, only one set of rate
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equations developed for the kinetic mechanism 5, which remained to the end of the model
discrimination, is given as follows

For reaction (1):

P P, P.P;
n=k "’;;2 T2 1-—=2"2 \/(den) (7.24)
H, KmP m,P H,0
For reaction (2):
PP, P, P
r, =k, =01 % H: /(gen) (7.25)
F H, KnP coP H,0
For reaction (3)
r=k Fen Fo 1- Feo, B, /(den) (7.26)
? ? P;,s KP3P CH.P ;,o -
and
0.5 PH 0 PCH PCTI H,0
den=1+K P, + Ky, Poy, +KyPy” +Ky o ——+ K4 Y+ Koo —55
2 2 2 PHz 4 PH,_ P;z

Where Kp; is a equilibrium constant of reaction (i), and K; is a adsorption constant of

component i.

The rate equations developed above are based on the Langmuir’s ideal surface adsorption
concept. Accounting for the non-uniform characteristic of the catalyst surface, the concept
of Freundlich’s non-ideal adsorption is introduced to adjust the powers of steam and
hydrogen in the rate equations, which are the main adsorbed components in the system

(Numaguchi et al, 1988). To do this, equations (7.24-26) are changed into

,,=k,PC”~P'25 [1— FeoPi, J/(den)z (7.27)

@2
Py, KeiPen Firo
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P P P, P
r,=k, 201" M\ /(deny (7.28)
A 1;,22 KPZP coP H,0
P, P P, P!
r=k—te 0 - % /(den) (7.29)
P;Iz;; KP3PCH4PH20

Where o is a adjustable parameter to be determined simultaneously with other parameter
estimations for obtaining a suitable model that is statistically and thermodynamically

consistent. The same measurements were applied to the other five sets of rate equations.

7.5 Model Discrimination and Parameter Estimation

Since the experiments were carried out in the integral mode, a non-linear least square
analysis was employed for the parameter estimation based on the minimisation of the sum
of residual squares of the reaction rates obtained by experiments and predicted by the
models. The models were discriminated by the combination of the comparison among the
sums of residual squares and the physical characteristics of the parameters. A linearisation

method was used to solve the problem of non-linear least square analysis.

7.5.1 Linearisation method for the non-linear least square

A linearisation method is a basic method for solving the problem of non-linear least square
analysis (Draper et al, 1981). Its main idea is that the non-linear model functions are
linearised by first order Taylor series within a local range. Thus the non-linear problem is
transformed into a linear problem to be solved by the Gauss-Newton method. By
successive iterations to be described below, the best values of the parameters can be

obtained
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An objective function for the non-linear least squares for parameter estimation 1s defined

as follows
M r
S(K)= Z]:[Y, ~F(X,,K)]0[r,-Fx,,K)) (7.30)

Where Y;=(Y1;,Y2,......... Yy ), jth experimental values, dependent variables,

X =(Xyj X2 5eeenennn Xm ), jth experimental measured values, independent
variables,

F(X; K)=(fi(X; ,K), f2(X; K),......... £2(X ,K), non-linear model functions,

K=(ki kz,..ccceoo.n. kq), parameters to be estimated,

Qjis a nxn weighing matrix of jth experiment.

Guessing initial values K as K, the F(X; ,K) linearised by the first order Taylor series at

K are given by

oF
F(X,,K)~F(X,,K©) +(5—) AKX (731)
K ()

Substituting equation (7.31) into equation (7.30), the following equation can be obtained:

(7.32)

) oF . .
Since K© guessed, F(X; ,K®) and (—a—k—) are all assigned to values at a given Xj; then

xK®
S(AK) is a linear function related to AK, which can be solved by the Gauss-Newton

method.
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Letting %Kl: 0, we get
) 2 Y -F(X, ,K® 7.32
ZOAK = z(aKjK oIy, - F(x, k) 732
and
Z(°)—ZZ( )T [aFJ (7.33)
oK K(o) aK )

Z©® is a matrix with qxq dimensions, and equation (7.32) is a set of linear algebraic
equations containing unknown variables AK. Solving equation (7.32), AK, which can lead

S(AK) to minimisation, can be given as follows:

AK:(Z‘”)'Zi(%}g) o v, -Fx, k) (7.34)

x©

Therefore for the ith iteration, the iteration equation is

M T
)=k @S E) ol -rukn] a3
J

K(’ 1)
By repeated iteration of equation (7.33) through (7.35), the best K values can be obtained

until the solution converges, that is, until the iteration ith, (i-1)th,
Is(x®)- skt <, or Jag ) <5, (1.36)

where 8 and 8, are some prespecified amounts (e.g., 0.000001).

The linearisation method has possible drawbacks for some problems in that
1) It may converge very slowly; that is, a very large number of iterations may be required
before the solution stabilises even though the sum of squares S(K®) may decrease

consistently as i increases.
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2) It may oscillate widely, continually reversing direction, and often increasing, as well
as decreasing the sum of squares. Nevertheless the solution should eventually converge.

3) It may not converge at all, and even diverge, so that the sum of squares increases for
iteration after iteration without bound.
To combat these deficiencies, a very careful guess must first be made of the initial K
values (they may be values suggested by information found in literature or suggested as
“about right” by the experimenter’s experience and knowledge). Secondly, some
modifications are required to be applied to the method. In this section, a dumping factor
being similar to one suggested by Marquardt (1963) was employed for improving the

stabilisation of the method.

7.5.2 Parameter estimation and model discrimination for the experiments

Reaction rates for the formation of CO and CO; and for the disappearance of methane in

steam reforming are predicted from

Tco =h—0
Teo, =Tt
Tew, =h +h (71.37)

Two of these rate equations are independent.

Reaction rates for the disappearance of CO; and for the formation of CO and methane in
the reverse water gas shift are predicted from
To =Hh—H

Tco, = —~(r,+r;)
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Iy, =—(r+1) (7.38)

Similarly, two of these rate equations are independent.

Applying the linearisation method described above, an objective function for the parameter

estimation is given by equation (7.30)

s&)= 3, -Fix, o) olr, - Fx, )]

Where

Yi=(Yy » Yo Yrew, ;5 Tco,,)> OF (1w, ,> 7oo,,) for steam reforming and the
reverse water gas shift reactions, respectively, values of which can be calculated from
equations (7.20-21) and (7.22-23), respectively;

Xi=(X1j 5 Xajgevnvnnennnn » Xsi )=(Fen,.j> Pao,y» Feoy» Feo,.j» Pu,,j)> Which values can

o
be obtained from equations (7.7-11) or (7.12-16);

K=(ki, k2, k3 , Kco, Ky g 5evvvevnnmoe Ky, ), are reaction rate constants and adsorption
coefficients to be estimated;

FX; K)=(5j , B3 )= (7cu,.; > 7o, ), or ~(Te, ;> Ito,,,) for the steam reforming and
reverse water gas shift reactions, respectively, values of which can be predicted by
equations (7.37) and (7.38) respectively.

Q; is a 2x2 unit matrix, this means that an equal weighting factor is applied to all
experimental data.
For each experimental temperature, applying the method above, the stabilised parameters
values were obtained by the following procedure using a program written in FROTRAN77
for parameter estimation given in Appendix C.

1) Guess initial K values as K,
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2) Linearise the objective function by first order Taylor series; the non-linear objective

function S(K) is transformed into a linear objective function S(AK).

3) [E) and Z© are calculated
K(o)

4) Solve equations (7.33), and obtain AK and new K values through equations (7.34)
and (7.35).
5) Repeat the procedures 3) and 4); if equation (7.36) is valid, the iteration is finished

and the last K® are obtained.

It should be pointed out that the K® guessed and 8, or &, specified have to be adjusted by a
trial and error method according to the progress of the iteration for obtaining the stabilised

K values

The models were discriminated by the physical characterisation of the parameters and by
comparison among the sums of the residual squares in two steps. First, if one of the main
parameters of the model was found to have a negative value, e.g., k; or k3 which should be
positive, the model could be rejected. The remaining models were then checked by the sum

of the residual squares.

The t value of a parameter estimate is the ratio of the parameter estimate minus zero and
the standard derivation of that parameter. If a parameter is found to have a very small t
value or to conflict with its physical characterisation, it is considered to have no significant

contribution to the models. Consequently, it may be deleted from the latter.



148

7.5.3 Results

During the experiments of methane steam reforming, reaction (2) was very close to
equilibrium, the partial pressure of CO was low and the adsorption coefficient of Hz was
very small due to a high temperature used. Thus the rate constant k; and adsorption
coefficients of Kco, Ky and Ky could not be estimated significantly from these
experiments. In the reverse water gas shift experiments, the partial pressures of CHs and
H;0 were low so that their adsorption coefficients were determined from the steam

reforming data.

The deletion of some adsorption terms in the denominator of the models and the first step
of the model discrimination were carried out simultaneously by trial and error. This task
was continued until the parameters in the models remaining were found to have correct

values corresponding to their physical meanings.

Only the model 5, which has a minimal sum of the residual squares, remained at the end of
model discrimination. K, , Ky, and K, did not appear in the model 5 at the end
because they were found to have no significant contributions to the model or to have

wrong physical characterisations. This may be due to very weak adsorption of CO, and

CH, on the catalyst or to very low concentrations of intermediates CH,O and CHO.

The final kinetic model based on kinetic mechanism 5 after discrimination is given by:

For reaction (1):

P, Py’ PPy
r =k~ 0 [l— «© '}; ]/(den)z (7.39)

KmP cH,  H,0



For reaction (2):

For reaction (3)

and
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P B P, P
=k, =01 e T\ [(deny (7.40)
P, H; KPZP coP H,0
Py P P, Py
=k~ o S B\ /(den) (7.41)
F H'2 KP3P CH.,P H,0

P,
den=1+KoPop +KyPy® + Ky P“—2°

H,

The parameters estimated and standard derivations at each temperature in the model are

listed in Table 7.4.

Applying the Arrhenius equation and van’t Hoff equation to these parameters for all

temperatures:

k=4 exp(—%)

AH,
K = A(K,)exp(—R—T’,)

the reaction activation energy E; and the adsorption enthalpy AH; (heat of chemisorption)

of components and the preexponential factors A; and A(K;) have been determined, and are

shown in Figs 7.7 and 7.8, and listed in Table 7.5.



Table 7.4 Parameter estimates of the final model

k1 x10 kox10° ksx10°  Kcox10® Kux10* K, ,
dimension kmol/kgcat kmolkgcat kmolkgeat  (kPa)”  (kPa)®’

s (kPa)** s kPa s (kPa)*®
Reverse water gas shift
598 K 2.880x10? 2.708 0.3041 8491 7.800
ai(k) 2.775x107 0.3764 0.1116 5393  1.190
623 K 1.889x107 3.125 0.7675 29.05  4.010
ai(k) 1.203x10? 0.3278 0.2415 2274  0.740
648 K 8.081x107 3.364 1.713 9500 1.972
ai(k) 6.667x10% 0.3389 0.3083 1062 0611
673K  0.3161 3.845 3.469 4013  1.000
oi(k) 0.1528 0.3194 0.8611 0.6700 0.330
Methane steam reforming
748 K 14.13 24.46 0.7158
oi(k) 9.117 3.672 0.0721
773K 41.75 45.61 0.7681
ci(k) 11.17 4.627 0.0517
798 K 119.9 74.08 0.8369
ai(k) 12.97 0.2636 2.04x10°
823 K 310.8 123.0 0.9014

4.16x10™

6i(k) 2433 8.064

150
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Table 7.5 Activation energies, adsorption enthalpies and

preexponential factors for the final model

E) E, E; AHcoa AHy, AHy ;8
(kJ/mol)

209.2 15.4 109.4 -140.0 -93.4 15.9
tvalue (824)  (8.32) (55.0)  (63.6) 252  (114)
UL* 2142 19.0 111.8 -135.7 -86.1 18.6
LL® 204.2 11.8 107.0 -1443 -100.7 13.2

Ay Az A3 A(Kco) A(Kp) A(Ky0)

5.922x10® 6.028x10* 1.093x10° 5.127x10"® 5.68x101° 9251

* UL~upper limit, LL= lower limit of approximate 95% confidence interval.

7.5.4 Thermodynamic consistency of the parameters estimated

When the parameters were determined from experimental data, which were based on the
chemisorption on an ideal surface or a non-ideal surface or hybrids of the two, the
adsorption constants have to satisfy a number of thermodynamic rules (Lee, 1985). For the
convenience of using the rules reported in literature, the units of the adsorption constants
are expressed in bar, so that

A(Kco)=5.127x10" (kPa)'=5.127x10" (bar)™

A(Kn) =5.68x107"(kPa) *=5.68x10(bar) **

A(Ky,0)=9.251

1) The first rule (Butt, 1980) is

0
AS;a <4184 or  exp(AS?,/R)= A(K;) < 6.62x10° (7.42)
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The preexponential factors of the adsorption constants, A(Kj) values, satisfying this rule

are:

A(Kco) = 5.127x10™" < 6.62x10°
A(Kn) =5.68x10” < 6.62x10”

2) The second rule (Butt, 1980) is

AS®,> 1.4 AHj, ~ 51.04 (7.432)
AS? 1.4AH,  —51.04
or A(K;) = exp| —2= | > exp 22 (7.43b)
R R
14AH_, , -51.0
Since exp( c"}"{’ o1 4) =1.246x10™8

1.4AH, -51.04
and exp( H.e

) =3.187x107"
R

the parameters estimated also satisfy this rule.

3) For nondissociative adsorption, the following criterion should be satisfied (Lee, 1985):
AS? ,>-AS), (7.44)
For CO and Ha, the AS), values at 298 K are 197.5 and 130.5 J/mol K, respectively. The

criterion thus becomes:;

0

AS? —AS,
exp[ ;”) = AK) > exp[—%'—) =4.791x107"

ASo _ASIO
exp[ ;J = A(K,) > exp(—R“”i) =1.510x107’

With the A(Kco) and A(Kg) values given above, this criterion value is roughly satisfied
for CO adsorption. The A(Ky) value is smaller than 1.510 x107. This might be due to the

dissociative adsorption of hydrogen on the catalyst.
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For H,O adsorption, from the results reported elsewhere and reviewed by Rostrup-Nielsen
(1984) it was concluded that catalyst support plays a very important role in its adsorption.

Thus the step written

H,0 +s=0(s) + H; (s1)
consists of the following steps:

H;0 +support = H,0 — support (s2)

H,0 - support +s = O(s) + H; + support (s3)
The support enhances adsorption of steam which is then adsorbed on the nickel surface.
Since steam is also adsorbed directly on the nickel surface as in step (s1), the K ,,, which
appears in the model that have been taken into consideration steam adsorption, cannot be
considered a true equilibrium constant. In fact, it only reflects a steady-state condition

reached by the steps involved in s1-s3. Thus K ,, can be written as

k.l
Ky 0=Ka 2 :

—s1

where K g=equilibrium constant of step s2, kg = direct kinetic constant of step s3,

ke=reverse kinetic constant of step s1. As stated above, K , cannot be considered a real

equilibrium constant and in consequence does not follow the rule discussed above.
7.6 Model Verification

The model verification was carried out in an integral mode. In order to derive the model
that describes the experimental reactor, the following assumptions have been made:

(1) Steady state operation.
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(2) Isothermal conditions prevail.

(3) Negligible pressure drop.

(4) Plug flow in the reactor.

(5) No interphase and intraparticle mass transfer limitations.

Assumption (5) was confirmed by the experiments of size variation of the catalyst particle
and the theoretical calculation done in Chapter 6. Assumption (2) also holds due to the
very small amount and very small size of the catalyst used. Also a maximum pressure drop
of 20 Pa was obtained throughout the whole reactor at the maximum flow rate during the
experiments. Since the length of catalyst loaded (0.25-0.4 cm) is very small, compared
with the reactor length (20.5 cm), the neglect of pressure drop through the catalyst bed is
reasonable. Assumption (4) could be accepted under the conditions of high temperatures

and low pressures used.

Based on these assumptions, a mathematical model can be written for all components as

follows:

&= 0p, 30y, (7.45)

where =1, 2, 3, 4 and S for CHy, H;0, CO, CO, and H,, respectively, and
v, is the stoichiometric coefficient of component i in reaction j € is the cross-sectional

area of the catalyst bed.

The initial conditions for the model are
L=0 n=n (7 46)

The model is solved by the fourth Runge-Kutta method.
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Figs.7.9-10 show that the comparison between the CO, conversion and COz conversion
into CO obtained from reverse water gas shift experiments and values predicted by the
model at Hy/CO,=0.75, 120kPa and temperatures ranging from 598-673 K. It is clear that
the values predicted and values measured experimentally are in good agreement. The
comparison between the values predicted and the measured experimentally for steam
reforming are presented in Figs.7.11-14 at different conditions. Good agreement between
the two kinds of values can be seen from these Figures. Based on this, one can conclude
that the intrinsic kinetic model developed in this Chapter describes the methane steam

reforming on the catalyst used very satisfactorily.
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CHAPTER 8
THE EFFECT OF HYDROGEN REMOVAL ON THE PERFOMANCE OF A

MEMBRANE REACTOR FOR METHANE STEAM REFORMING

8.1 Introduction

With the abundance of natural gas there is continuing interest in conversion of methane to
more useful products such as methanol and hydrogen. Of the various processes by which this
may be achieved the predominant one in synthesis gas production by means of steam

reforming (Rostrup-Nielsen, 1983).

In methane steam reforming the following reversible reactions occur:

reaction (1) CH, +H,0 =CO +3H;
reaction (2) CO+ H,0=CO,+H,
reaction (3) CH4+ 2H20 = COz + 4H2

reactions (1) and (3) are endothermic whereas reaction (2) is exothermic. The conversion of
methane is limited by thermodynamic equilibria and is favoured by high temperature and low
pressure. However, high pressure is required in the associated ammonia and methanol plants
and to compensate for this high-applied pressure an increase in temperature is required.

Consequently, the energy consumption for steam reforming is relatively high

An attractive technique for breaking the equilibrium limitation is the use of selective
membranes to remove the hydrogen product from the reaction mixture (Uemiya et al., 1991;
Adris et al.,1991; Chai et al.,, 1993; Shu et al., 1994; Barbieri et al., 1997). However, any

disadvantages resulting from the removal of hydrogen from reaction in which steam reforming
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is being carried out has received only limited attention to date (Laegsgaard Jorgensen, S., et
al., 1995). Removal of hydrogen from product could limit the influences of hydrogen which
inhibits carbon formation and in its effect on poisoning of the nickel catalyst by sulphur
compounds. It has been pointed out by Rostrup-Nislsen (1968, 1984) and Bartholomew
(1979) that the adsorption of hydrogen sulphide on nickel catalysts is very strong at low
temperature and the fractional surface coverage depends on the value of puwy/pr2 While the
tendency for methane decomposition to give carbon is determined by the ratio (pm )/pcus
Removal of product hydrogen will favour the adsorption of hydrogen sulphide and the
methane decomposition reaction, so that the catalyst activity and stability will be affected and
may well restrict any advantages arising from the use of a membrane reactor for methane

steam reforming.

The objective of this chapter is to use a mathematical model to analyses the effects of
hydrogen removal on the performance of a membrane reactor for methane steam reforming in
the presence of hydrogen sulphide and on the performance when carbon deposition occurs

from the decomposition of methane.

8.2 Catalyst Deactivation by Sulphur Poisoning and

by Carbon Formation from Methane Decomposition

8 2.1 Catalyst deactivation by sulphur poisoning

Normally, sulphur will be present in natural gas which can be purified effectively to a tolerable

level preceding steam reforming Because sulphur adsorbs so strongly on nickel its presence

on a catalyst surface usually causes substantial loss of activity in many important reactions,
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particularly in methane steam reforming. The reasons for this are twofold: (1) sulphur
adsorption on the nickel surface prevents the further adsorptions of reactant molecules, and
(2) the reconstruction of Ni surface may modify or decrease the adsorption rates of reactant

gases.

Adsorption of H,S on nickel is very rapid; this high adsorption rate suggests that no barrier to
adsorption and dissociation occur until saturation of the surface is approached. Accordingly,
sulphur poisoning of nickel is not likely to be limited by rates of adsorption and reaction on
the surface. Thus, surface coverages of sulphur can be predicted by equilibrium
thermodynamics and by mass balance and mass transfer considerations under conditions of
interest. At steady state, the concentration difference between H,S in bulk phase and in the
catalyst pellet may be very small, thus sulphur poisoning effects can be correlated with the

H,S concentration in bulk phase, which, is the important parameter in practical operation.

Most previous investigators (Rostrup-Nielsen, 1968; Oliphant, et al, 1978; Ng,, et al, 1978;
Fowler, et al , 1979) agree that H,S completely dissociates on nickel surface even below room
temperature, but there is disagreement regarding the number of nickel atoms per sulphur
atom involved. Rostrup-Nielsen (1968) suggested a one-site mechanism in high temperatures
(825-925 K),

H,S(gas) +Ni=Ni-S+H,(gas) (8.1)
based on the value of one obtained for the power , n, in the langmuir expression

_ A(Py s 1Py,)
1+B(Pys I Py,)

(8.2)

s
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fitted to his data He also found that the sulphur uptake is a function of the ratio puzs/Pus, a
saturation layer developed at ratios above 5+ 10 and at ratio 10? bulk sulphide (NizS3) was
formed Oliphant et al (1978), on the other hand, obtained Langmuir exponents of 2.9 and
27 for Ni power and 3% Ni/ALO; respectively at 725 K, consistent with a three-site

mechanism

Simulations of sulphur poisoning in the steam reforming process have been given by
Christiansen and co-workers (1980) and Rostrup-Nielsen (1982). Their analysis indicates
rapid break-through of sulphur for different inlet concentrations of sulphur and a slow
approach to equilibrium on the catalyst. The transient profiles of sulphur poisoning were
calculated with fixed conversion and fixed axial temperature profile. Based on their
simulations, the sulphur coverage fractional on the catalyst is always greater than 0.5 along
the reformer tube even for H,S concentration in feed of less than 0.02 ppm. This decrease in
catalyst activity caused by the sulphur poisoning must be compensated by increasing the

reaction temperature in order to keep the outlet conditions fixed.

8 2 2 Catalyst deactivation by carbon formation from methane decomposition

Deactivation of supported metal catalyst by carbon formation is a very serious problem in
steam reforming. Its causes are generally threefold: (1) fouling of the metal surface, (2)
blockage of catalyst pore and voids and (3) break-up of the catalyst support material. Carbon
may be formed via different routes, each influencing the morphology of the carbon. According
to Rostrup Nielsen (1984) three different hinds of carbon species are produced during steam

reformung (1) whusker hke carbon, (2) encapsulating catbon and (3) pyrolytic carbon,
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In methane steam reforming, carbon may be deposited by CO disproportionation

2CO0= C+CO, (8.3)
and methane decomposition

CH,= C+2H, (8.4)
Based on methane steam experiments on the ICI catalyst 57-4 at low temperature (748-823
K), it is found that probability to form carbon from CO disproportionation will be very small
due to a relative low yield of CO obtained compared to CO,. Wagner and Froment (1992)
studied carbon formation and gasfication under steam reforming conditions in an
electrobalance reactor. From their experiments they derived threshold constant Ky (Kv=exp(-

9573/T+11.62) bar) for methane decomposition and defined a criterion Vs

2
Py,

Ve, = ’;(—CZ (8.5)
The definition of Vcys is such that carbon formation will occur when its value is lower than 1.
This is an experimental limit, not a thermodynamic one. Methane decomposition is
endothermic and leads to an increase in the total number of moles. Therefore, it is favoured by
high temperatures and low pressures. Methane decomposition will most likely occur near the
reactor inlet, where the concentration of methane is high and hydrogen’s very low. The value
of Vcus will be lessened by the removal of part of hydrogen produced in a membrane reactor,
compared with a conventional fixed reactor, i.e., hydrogen removal will increase the risk of

carbon formation from methane decomposition in membrane reactors for methane steam

reforming.
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8.3 Model Development

8.3.1 Intrinsic reaction kinetics

There is a large number of literature that deals with reaction kinetics of methane steam
reforming (Akers and Camp, 1955; Bordow et al., 1967; Ross and Steel, 1972; De Deken et
al,, 1982; Xu and Froment, 1989) Here we use the intrinsic kinetics data obtained

experimentally on ICI catalyst 57-4 from laboratory studies in present work. The intrinsic

kinetics rate expressions determined for reaction (1), (2) and (3) are given in Chapter 7,

respectively, by
3
n=hpmgﬁ;p2”1——4&9&2——/dm2 (7.39)
Per, Pr,oK 1
r, =RKPco p?f:opf—rg's I—M / den® (7.40)
Pco Pr,o& p2
Pco, P
- co,PH, 2
r=k P | 1-——%—2—|/den (7.41)
3 = K3Pcu ,Pr,oPH PCH,,P; K,
where,
P, Pu,
den =1+ K pPeo + Ky P, + Kir 0 K,

HyS
PHz Pn,

The intrinsic kinetic parameters except forK 5 for these rate expressions are obtained from

the experiments and are listed in Table 7.5, and K ,s = 55exp(10720/T) (Christiansen, et al,,

1980)
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8.3.2 Mass balance equations for a membrane reactor

A dense Pd/Ag composite membrane reactor with a jacket for the removal of hydrogen is
used in this investigation. The catalyst (57-4) is loaded in tubeside of the reactor Reactants
enter into the tubeside and sweep gas enters the shellside in co-current with reactants The

dense Pd/Ag composite membrane is permeable only to hydrogen.

In order to derive the equations presenting this type of reactor, the following assumptions
have been made:

(1) Steady state operation.

(2) Isothermal conditions prevail.

(3) Negligible pressure drop

(4) Plug flow on both tubeside and shellside.

(5) Hydrogen permeability is the same as the pure gas value.

(6) No interphase and intraparticle mass transfer limitations

From these assumptions, mass balance equations can be written for all components as follows

In the tubeside,
(b] 3
S =0p, 3, ®3)
dl o
i=1,2,3,4
d’.‘! _ 3 "5’ P TJ "5‘ 5
— =00y, - 2R fo (R V- (R (86)

! 2 2

r 1l

where i=1, 2, 3, 4 and 5 for CHy H;O, CO, CO: and H, respectively, andv, is the

stoichiometric coefficient of component i in reactionJ fj_ is the permeability of hydrogen ,
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and it is confirmed that the half-power law for hydrogen permeation through the membrane
used (Gobina and Hughes, 1994) is valid.

In the shellside, only one mass balance equation for hydrogen is needed i.e.

dn;, n , N, .
- = RS (=R Y -( =R )" ®.7)
27 2.7
i=1 i=1
The initial conditions for equation (8.5-7) are

1=0, ny=r, and ny=n, (8.8)

The equations are solved by using the fourth order Runge-Kutta method.
8.4 Results and Discussion

In this simulation study, the effects of the removal of hydrogen produced on the catalyst
poisoning by H,S, the performance of the membrane reactor and the tendency of carbon
formation from methane decomposition have been investigated. It should be pointed out that
the amount of carbon formation on the catalyst could not determined from its tendency to
deposit and thus the effect of carbon formation on the catalyst activity is not included. Table

8.1 shows the basic data used for this investigation
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Table 8.1 Input basic data for the simulation study

Contact time W/ Fg, , | 133560 Feed composition CHs>99.9%(Vol)
kgcat s/kmol balanced by H,S
Membrane area /| 400 Shellside pressure, kPa | 100

reactor volume, m’

Thickness of the [ 50 Tubeside pressure, kPa | 120
palladium layer, pm

Steam /Methane ratio | 3 Temperature range, K | 773-873

8.4.1 The effects of hydrogen removal on the catalyst activity and

the performances of the membrane reactor

For comparing the membrane reactor with a fixed bed reactor, thef, is set to zero for

without hydrogen removal in order to simulate the performance of the fixed bed reactor but
keeping other conditions the same as in the membrane reactor. In all cases for the membrane
reactor, the sweep gas flows co-current to the reacting gas. From the langmuir absorption, the

H.S coverage on the catalyst is given by

ans Pu,s
9, = P, > (8.9)
1+ KeoPoo + Kyppy, + Ky =2 + Ky Prys
H, Ha

Fig 8.1 shows the axial profiles of H,S coverages on the catalyst at different temperature for

the fixed bed reactor, i.e. without hydrogen removal. It is clear that H,S coverage drops

after a slight decrease near the inlet, keeps an almost constant value to the exit. However, the
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effect of temperature on 6, is so significant that the & is halved by a temperature rise of

100 K.

Fig.8.2 and 8.3 show the effects of H,S concentration in the feed on & at temperature 823

and 773 K respectively. At high temperature of 823 K, an increase in H2S concentration from
0.05 ppm to 0.50 ppm, 10 times of original value, causes to 6, increases to 4 times the
original value. However, at low temperature 773 K, , an increase in H,S concentration to 4

times the original value only, leads to an increase of 8; from 0.3 to 0.7. consequently the

effect of H,S concentration on catalyst poisoning is more sensitive at low temperature.

The effects of the extent of hydrogen removal on the catalyst poisoning are presented in
Figs.8.4 and 8.5. It can be seen from these figs. that the H,S coverage drops continuously
along the reformer tube for cases where no hydrogen removed (i.e. fixed bed reactor) and for
low degrees of hydrogen removal, however, at the 80 % of hydrogen removal the H,S
coverage increase along the tube length. Consequently, at high level of H, removal the
catalyst poisoning by H,S is more serious than at low percentage of hydrogen removal due to

the increased value of py s / Py, - Under conditions studied, the limitations of different H,S

contents range from 0.04 to 0.4 ppm for the cases without hydrogen removal as shown in
Fig 8.6. As can be seen, higher reaction temperatures can tolerate higher H,S concentrations

in methane.

Defining Xcuamax @5 @ maximum conversion of methane which can result at given temperatures
and pressures when H,S poisoning is absent, the amount of H,S which can be tolerated to

give 95% of Xcuamax for different extent of hydrogen removal may be estimated. Fig.8.7.
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shows a plot of this H,S tolerance level for 95%Xchsmax Versus temperature. From this figure
it can be seen that H,S tolerance increases with increasing temperature and the H,S tolerance

also increases when hydrogen removal is less.

Because catalyst poisoning by H,S is sensitive to the ratio py s / Py, > hydrogen removal may

result in a decrease in methane conversions using a membrane reactor compared with a fixed
bed reactor at higher H,S concentrations. Figs.8.8 and 8.9 show the variations of the methane
conversions with different percentages of hydrogen removal and different H,S contents for
operating temperatures of 773 and 823 K, respectively. At higher H,S contents, there is no
advantage in employing a membrane reactor due to the hydrogen removal resulting in more
serious catalyst poisoning. To obtain benefit from the membrane reactor, the H,S Content has
to be decreased to a limiting value depended on conditions of operation. Based on Fig.8.8 and
8.9, in general, the limiting value will decrease with increase of proportion of hydrogen

removal and increase with reaction temperature increase.

8.4.2 The tendency to form carbon from methane decomposition

The influences of hydrogen removal on the axial profiles of carbon formation tendency are
illustrated in Figs.8.10 and 8.11. in which Vcna is calculated from the values of the partial
pressures of hydrogen and methane and Ky is estimated from Wagner and Froment’s relation
(1992) given in the introduction. From these figures it can seen that the risk of carbon
formation is promoted by the hydrogen removal and this increases with increasing extents of
hydrogen removal and resulting reduced hydrogen partial pressure in the reactor. Even if no

hydrogen removal, the ¥, is lower than 1 from the inlet to about half way point of the
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reactor, which indicates that there may be a possibility of the carbon formation in this region
of the reactor from methane decomposition. It is also clear that there is a risk of carbon
formation throughout the reactor for cases with higher proportion of hydrogen removal. So
considerable care is then necessary in order that catalyst deactivation from the carbon

formation can be efficiently inhibited by other means.

Methane decomposition is restrained by a high pressure applied, because the tendency to
carbon formation is sensitive to pressure. The effects of pressures on the profiles of carbon
formation tendency are presented in Fig.8.12 and 8.13 for 50 % percent of hydrogen removal

and without hydrogen removal at 773 K, respectively. The increased of V, with pressure

increase for both cases is obvious. Comparing the Fig.8.12 with Fig.8.13, it is also noted that
there is a small difference between the tendencies of carbon formation of two cases at 600

kPa of pressures employed.

8.5 Conclusions

Simulation of the steam reforming of methane in a catalytic membrane reactor have been
made in order to assess the effect of poisoning by small amounts of hydrogen sulphide and to
estimate the extent of potential carbon deposition on the catalyst. The results have been
compared with fixed bed operation. In general, the removal of hydrogen by means of the
selective hydrogen permeable membrane increases the tendency to poisoning by H,S and to
carbon deposition. These effects can be minimised to some extent by operating at higher
temperatures in the case of H,S poisoning and by operating at higher pressures to minimise

the extent of carbon formation. For successful catalytic membrane reactor performance for
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methane steam reforming, a high degree of sulphur removal from the feed stream would

appear to be necessary.
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CHAPTER 9

CONCLUSIONS AND RECOMMENDATIONS FOR FUTURE WORK

The present work has been concerned with experimental diffusion and kinetics studies on
methane steam reforming over a nickel/alumina catalyst. A Wicke-Kallenbach type
diffusion cell was used for diffusion experiments, and an integral reactor and a single pellet
reactor for kinetic experiments. A simulation study on the use of a catalytic membrane
reactor for methane steam reforming has also been undertaken The diffusion study was
mainly concerned with determining the effective diffusivities of gases present in methane
steam reforming at different temperatures and pressures. The kinetic study has been
focused on developing an intrinsic kinetics model (rate equations) for methane steam
reforming on the catalyst used. The simulation study was devoted mainly to the effects of
hydrogen removal on the performance of a membrane reactor for methane steam

reforming.
This Chapter presents the conclusions which have been obtained from the results given in

Chapters 4-8, and offers suggestions for future studies, which could supply useful

information concerning methane steam reforming.
9.1 CONCLUSIONS

From the measurements of effective diffusivities, the following conclusions can be

obtained:
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1. The diffusion mode shifts with temperature and pressure changes. The experiments
show that the effect of pressure on diffusion mode is greater than that of temperature. At
ambient pressure, diffusion occurs in the transition region, whereas at pressures up to

1MPa, diffusion lies mainly in the bulk diffusion region.

2. The effects of temperature on the effective diffusivities of most of the gases measured
(except for water vapour) increase with increase in pressure. at ambient pressure, the
temperature exponent values range from 1.0 to 1.25, whereas at 1MPa, the values are in a
range between 1.4 and 1.75. This is due to an increased contribution of bulk diffusion to

the total diffusion with increase in pressure.

3. The effects of pressure on the effective diffusivities (expect for water vapour) decrease
with increase in temperature: at room temperature, the pressure exponent values lie in the
range of 0.5 to 0.85, while at 873 K, the values are between 0.4 and 0.67. However, the
pressure exponents for hydrogen, methane and water vapour, which are the main
components in methane steam reforming, approach stable values as the temperature

exceeds 573 K.

4. Values of the pressure exponent and the temperature exponent of effective diffusivities
for water vapour were nearly constant. This difference between water vapour and other

permanent gases measured may be due to adsorption effect with water vapour.

5. The tortuosities estimated for the pellets varied from 1.8 to 2.50 for different gases at

ambient pressure, but decreased with increase in pressure. The estimated tortuosity for
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hydrogen and methane in the pressure range from 400-1000kPa tended to a constant value

for the pellet.

From the study of the intrinsic kinetics of methane steam reforming, the following

conclusions can be made:

1. Addition of hydrogen the feed can significantly inhibit catalyst deactivation resulting

from the decomposition of methane.

2. The partial pressure of steam has a negative effect on the initial reaction rates, while the

total pressure shows a positive effect.

3. Both CO and CO; are primary products of steam reforming but most of the CO is
probably formed by the reverse water gas shift reaction under the present experimental

conditions.

4. Methane steam reforming involves multiple steps, including steam adsorption with
dissociation on the catalyst surface; methane adsorption with dissociation into radicals
containing C on the catalyst surface, which react with adsorbed oxygen to yield an
intermediate; surface reactions of the intermediate including decomposition or reaction
with adsorbed oxygen; and desorption of products. The surface reactions are the slowest of

these steps, and control the overall reaction rates.

5. A kinetic model for the catalyst used has been developed, which differs from that of Xu

and Froment (1989) for a nickel on magnesium aluminate catalyst, and which includes
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both Langmuir’s ideal adsorption and Freundlich’s non-ideal adsorption concepts. The
kinetic model developed for the present catalyst fits the experimental results very well, and

the parameters obtained are statistically significant and thermodynamically consistent.

6. The kinetic model shows a non-monotonic dependence upon steam partial pressure and
first order dependence with respect to methane partial pressure for the reforming reaction,

as does the model of Xu and Froment (1989)

From the simulation study on the effects of catalyst deactivation in fixed bed and

membrane reactors, the following conclusions can be made:

1. Catalyst deactivation from both H,S poisoning and carbon formation is very sensitive to
hydrogen removal. Hydrogen removed by a membrane may cause more extensive catalyst
deactivation, and also the H,S tolerance drops. Similarly, the tendency to carbon formation

increases as the proportion of hydrogen removed increases.

2. The simulation shows that the benefit of using a membrane reactor may be not achieved
for feedstocks with a high H,S level and in which a high proportion of hydrogen produced

is removed, due to the severe catalyst deactivation.

3. A high-applied pressure can inhibit the methane decomposition reaction. Hence this will
compensate for the negative influence of hydrogen removal on the catalyst activity for

methane steam reforming in a membrane reactor.
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4. To reduce the effect of catalyst deactivation from H,S poisoning under significant
hydrogen removal, a more efficient desuphurisation technique need to be employed for

methane steam reforming in a membrane reactor operating at low temperature.

From the experiments of coupling reaction and diffusion in the single pellet reactor, the

conclusions are as follows:

1. The experimental results show that the methane diffusion into the catalyst pellets
possessing no holes, almost totally controls the reaction rate. Under such diffusion
limitations, other factors, including the reaction temperature, the catalyst activity, and the

contact time, did not show any apparent effects on the reaction.

2. The diffusion limitation lessened considerably for the catalyst pellets containing four
holes; it was found that the effects of diffusion limitation on the catalyst pellets with higher
activity were greater than on the catalyst pellets with lower activity. However, catalyst

activity still did not play an important role in affecting the reaction.

3. Since the reaction rate of methane steam reforming over nickel/alumina catalyst is very
fast at low conversion, and the diffusion rate controls the reaction, the effects of other
factor on reaction are examined only with difficulty. Hence, a pellet reactor may be not
suitable for measurements involving the coupling of reaction and diffusion during methane

steam reforming.
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9.2 RECOMMENDATIONS FOR FUTURE STUDY

Methane steam reforming is a complex process influenced by a such large number of
variables that there are always areas which require further study. From the present study, as

well as the review, the areas which are suggested for further investigation, include:

1. For the sake of accuracy, it is the best that the intrinsic kinetics derived on the catalyst
used at present experimental conditions is confirmed experimentally under commercial
conditions (i.e., at high temperatures and high pressures) before it is applied to the

commercial usage

2. Since the change of catalyst composition and preparation method influences the
mechanism of methane steam reforming greatly, individual kinetic studies have necessarily

to be carried out for a specific catalyst.

3. Carbon formation is a major problem in maintaining the catalyst activity. Addition of
alkalis can inhibit the carbon formation, but the effect of alkalis on catalyst activity used in
industrial practice is not clear up to now. Hence, it is important to conduct an extensive

study on this area.

4. The simulation has demonstrated that the hydrogen removal has a considerable influence
on the catalyst activity. Because of the promising application of catalytic membrane
reactors for methane steam reforming in industrial practice, it is suggested that

experimental studies of catalyst deactivation from H,S poisoning and carbon formation in
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the presence of hydrogen removal and at low temperatures should be carried out to

determine the H,S tolerance and the carbon formation free region more reliably.

5. Since decreasing the steam/hydrocarbon ratio can lower the operating cost of reforming
process, the development of catalysts with high stability at low ratios of

steam/hydrocarbon could be an attractive future option.

6. An experimental study of the diffusion of the gases present in steam reforming over a
wider pressure range of 1-3MPa would be very helpful to investigating the effects of

pressure on effective diffusivities.
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Notation

A peak area of component detected by GC

A preexponential factorof rate constant, k;

A(K;) preexponential factor of adsorption constant, K;
a constant used in equation (2.3)

a;, a’ correlation coefficients in equations (7-18) and (7-22), respectively, (kgcat s/kmol)’
am outer surface of the catalyst, m*/kg

b constant used in equation (2.3), (kPa)™

bi, b correlation coefficients in equations (7-19) and (7-23), respectively, (kgcat s/kmol)®

C total concentration, kmol/m’

G concentration of component i, kmol/m’

Cm  heat capacity, kJ/kg K

C concentration of component on surface, kmol/m?
D  diffusivity, m%/s

Dap e effective diffusivity of component A in B, m%/s
Dxa Knudsen diffusivity of component A, m%/s

dp diameter of the catalyst particle, m

E; activation energy of reaction i, kJ/mol
f. correction factor defined by equation (6.10)
F; molar flow rate of component i, kmol/s

Ja, permeability of hydrogen, kmol/m? s (kPa)®*

f{rp)dr, fraction of void volume occupied by pores with radii between
1p and r+dr,

G mass velocity, kg/m® s

AH reaction heat, kJ/kmol



Km

enthalpy change of adsorption, kJ/mol

heat transfer coefficient, kJ/m® s K
molar flux of component i relative to the molar average velocity,kmol/m’ s

j factor of mass transfer

j factor of heat transfer
adsorption coefficient of CHy , (kPa)™

adsorption coefficient of CO, (kPa)™

adsorption coefficient of H;O
adsorption constant of H,S

threshold constant for methane decomposition, kPa

K;1, Kp3  equilibrium constant of reaction 1 and 3, (kPa)2

Kp2

equilibrium constant of reaction 2

K;, K, K3, adsorption coefficients used in equations (2.29), (2.36), (2.43), (2.44),

ky

ks

k3

keco

(Dimensions depend on the corresponding adsorption term appearing

in the equations)

reaction rate constant, dimension depended on which equation it appeared
reaction rate constant, kmol/kgcat s. (kPa)!*** in equation (2.45), kmol (kPa)™
/kgcat s in equation (2.55), kmolkgcat s (kPa)>?* elsewhere

reaction rate constant, kmol/kgcat s (kPa)? in equation (2.46),

kmol/kgcat s kPa elsewhere

reaction rate constant, kmol (kPa)**/kgeat s in equations (2.57) and (2.60)
kmol/kgcat s (kPa)*%* elsewhere

mass transfer coefficient between bulk phase and catalyst surface, m/s

reaction rate constant used in equations (2.43) and (2.53), kmol kPa/kgcat s
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kcoz
L

M

reaction rate constant used in equations (2.44) and (2.54), kmol kPa/kgcat s

effective length of reactor, m

molecular weight

m;my, m3 molar ratios of steam/methane, hydrogen/methane, and hydrogen/

P, P

Pr

R;

Tco

[4
rCOz

carbon dioxide, respectively
molar flux of component i relative to stationary coordinates, kmol/m? s
molar flow rate of component i, kmol/s
partial pressure of component i, kPa
total pressure, kPa
Prandtl number
universal gas constant
outer radius of substrate, m
Reynolds number

reaction rate, kmol/kgcat s

rate of methane disappearance in steam reforming, kmol/kgcat s

rate of methane formation in reverse water gas shift reaction, kmol/kgcat s
rate of CO formation in steam reforming, kmol/kgcat s

rate of CO formation in reverse water gas shift reaction, kmol/kgcat s

rate of CO, formation in steam reforming, kmol/kgcat s

rate of CO; disappearance in reverse water gas shift reaction, kmol/kgcat s

pore radius of catalyst, m
surface of porous solid, m¥kg
Schmidt number

surface area per unit volume solid, m%m’

192



193

AS?, entropy of species i in the adsorbed state, J/mol K

AS?, standard entropy of component i, J/mol K

s active site of catalyst

T temperature, K

t time of collecting data from the beginning of the test

tiz  the time duration from the beginning of the test to the end of the test
Ui molar velocity, m/s

u’ molar average velocity, m/s

17; the equilibrium mean molecular velocity of component A, m/s

Vi defined by equation (7.17)

(D_v) diffusion volume of molecule

W  weight of catalyst, kg

Xy, methane conversion in steam reforming, and conversion of CO; into methane

in reverse water gas shift reaction respectively

X0, CO; conversion in reverse water gas shift reaction, and conversion of

methane into CO; in steam reforming respectively

y molar fraction
z axial coordinate of pellet, m
Greek symbols

o defined in equation (3.7)
aaB 0y temperature dependence of effective diffusivity of component A in B

(iinj), oy also parameters in equations (7-27,28,29)

Bas, By pressure dependence of effective diffusivity of component AinB (iinj)
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01, 02 convergent criterion

€p, €4, €1 porosity of particle, porosity in macropores and micropores respectively

dimensionless
A mean free path, cm
A thermal conductivity of the catalyst, kJ/m s K
n viscosity of fluid, kg/m s
Vij stochiometric coefficient of component i in reaction j
0s coverage fraction of hydrogen sulphide
p density of fluid, kg/m’

Pp, pp density of catalyst particle and catalyst bed, respectively, kg/m’

c molecular diameter of gas, cm

GaB collision diameter, A

oi(k) standard derivation of parameter i estimation, dimensions as the same parameter i
T tortuosity

Q cross-sectional area of the catalyst bed, m?

wap  collision integral, K

Superscripts
i inlet of reactor

o oulet of reactor

Subscripts
A component A

a macropore



component B

bulk phase

effective

gaseous state

component i, reaction i, or micropore
component j or reaction j

mixture

surface, or shellside

tubeside
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Appendix A Experimental Results for Methane Steam Reforming
and the Reverse Water Gas Shift Reaction

Table 1 Experimental results for methane steam reforming (1)

208

W/ Feu
kgcat. s’kmol | 2160 | 4320 [ 65161 |[8712 |[10872 | 13356
TK Xcns %
748 265 536 |7.45 9.56 12.14 14.06
773 417 |854 1225 |16.62 [20.25 22.94
798 736 [1355 [19.05 [23.48 [2835 31.56
823 1280 [22.80 |[29.61 [34.92 [40.87 43.53
Xcoz %
748 255 |5.13 712 |9.10 11.56 13.32
773 399 |81 1148 [1563 [189 21.33
798 686 |1256 [17.35 [21.16 [25.56 28.23
823 1143 [2024 [2568 [30.10 [35.11 37.42
SCOZ
748 9626 | .9566 [.9554 [.9517 [.9525 9484
773 9517 [.9475 |.9382 [.9407 |[.9329 9297
798 9322 | .9269 |.9109 |.9012 |.9016 8946
823 8928 | .8878 | .8671 |.8620 | .8591 8597

P=120 kPa, H,O/CHy/H;= 4/1/1



Table 2 Experimental results for methane steam reforming (2)

209

W/ Foa

kgeat s’kmol | 2880 14320 |6576 |8712 |10872 | 13356

T K Xens %o
748 2.18 3.46 5.43 736  |9.36 11.67
773 3.8 |6.13 9.92 13.00 |16.44 [19.72
798 6.24 |9.24 1467 [19.48 [2420 |28.54
823 1059 [1537 [22.09 [2920 [3528 [40.58

Xco2 %
748 2.13 3.36 526 710 [9.00 11.25
773 3.71 5.83 9.40 1239 |1557 |[18.79
798 5.96 8.68 13.75 [ 1821 [2289 |[2645
823 9.82 1413 [19.88 [2646 [3192 [3626

SC02

748 9662 |.9699 |.9681 |.9643 |.9625 [ .9634
773 9606 [.9506 |.9542 |[.9533 |.9471 [.9529
798 9542 |.9398 |.9372 |.9346 |[.9276 |[.9268
823 9276 | .9200 |.9001 |.8888 |.9050 |.8927

P=120 kPa, H,O/CH4/Hy=5.5/1/1
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Table 3 Experimental results for methane steam reforming (3)

W/ Fcua
kgcat s/kmol 12 1.81 242 3.02 3.71
TK Xcm %
748 3.61 5.64 7.89 9.87 12.10
773 5.50 8.50 11.67 14.50 17.19
798 8.13 12.61 16.45 20.23 24.50
823 13.50 20.50 28.08 33.76 38.33
Xcoz %
748 3.52 5.58 7.69 9.58 11.76
773 5.34 8.21 11.24 13.93 16.54
798 7.83 12.09 15.68 19.08 23.13
823 12.67 19.06 25.82 30.73 3487
SCOZ
748 9775 9762 9737 9713 9713
773 9718 9643 .9643 .9605 9625
798 .9620 9592 .9528 .9456 .9430
823 9394 9301 .9190 9105 9102

P=120 kPa, H,O/CHs/H,= 7/1/1




Table 4 Experimental results for methane steam reforming (4)
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W/ Foug

Kgcat s’kmol | 2880 | 4320 (6576 |8712 10872 | 13356

TK Xoms %
748 308 [506 [791 [1045 [1239 [1543
773 557 [880 [1278 [16.50 [18.75 [22.75
798 879 [13.85 [2053 [2338 [2872 [3255
823 11.64 1832 [24.85 [31.11 |37.18 [39.84

Xcoz %
748 300 (493 [778 [10.11 [11.94 [14.79
773 537 [849 [1222 [1571 [1783 [21.53
798 8.16 [12.85 [19.08 [21.69 [26.51 [29.84
823 10.79 [16.85 [22.65 [2791 [3332 [3545

Scoz

748 9732 [ .9751 [.9710 [ 9670 |.9635 |.9584
773 9635 | .9653 |.9560 |.9520 |.9507 | .9465
798 9284 |.9279 [.9289 [.9279 |.9232 |[.9167
823 9271 |.9195 | 9114 [.8972 |.8962 | .8899

P=1300 kPa, H,O/CH/H>= 5.5/1/1



Table 5 Experimental results for methane steam reforming (5)
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W/ Fems
Kgcat s/kmol | 0-50 | 0.75 1.00 1.25 1.50 1.75
TK Xcna %
7438 368 [475 [614 723 8.07 [9.00
773 555 |7.81 9.78 1136 |12.44 [13.40
798 8.22 1241 [1520 [1793 [19.05 [19.58
823 1390 |[18.15 [2098 [2441 [2696 [2839
Xcoz %
748 356 |467 [600 [706 [785 8.76
773 536 | 7.53 9.42 1091 [11.93 [12.81
798 7.47 1152 [1416 [1671 [1781 [18.26
823 1210 [16.17 [1872 [2196 [24.40 [25.74
SC02
748 9674 |.9832 [.9778 [.9765 [.9727 [.9733
773 9658 |.9641 [.9632 |.9604 [.9590 [.9560
798 9088 |.9283 [.9316 |.9320 |.9349 |.9326
823 8705 |.8909 |.8923 |.8996 |.9050 |.9067

P= 600 kPa, H,O/CH/H,= 5.5/1/1
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Table 6 Experimental results for reverse of water gas shift reaction(1)

W/ Feop
kgcat s/kmol 720 900 1080 1440 1800
TK Xco2 %
598 2.54 2.84 3.12 3.50 3.91
623 4.46 5.07 5.54 6.26 6.98
648 8.15 8.77 9.32 10.45 11.16
673 12.16 13.00 14.36 15.06 15.66
Xcua %
598 0.54 0.65 0.75 0.94 1.16
623 1.06 1.28 1.51 1.86 2.29
648 2.04 2.36 2.67 3.39 4.14
673 3.18 3.74 493 5.86 6.98
Xco %
598 2.00 2.19 2.37 2.56 2.75
623 3.40 3.79 403 440 4.69
648 6.11 6.41 6.65 7.06 7.32
673 8.98 9.26 9.43 9.20 8.68

P=120 kPa, H,/CO>= 0.75/1
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Table 7 Experimental results for reverse water gas shift reaction (2)

W/ Fcoz
Kgcat s/kmol 720 900 1080 1440 1800
TK Xco2%
598 2.30 2.57 2381 3.24 3.77
623 4.17 4.58 499 5.75 6.30
648 7.16 7.84 8.29 8.93 9.64
673 10.36 11.07 11.60 12.00 12.48
Xcna %
598 0.45 0.51 0.61 0.76 1.11
623 0.88 1.04 1.22 1.56 1.88
648 1.59 1.89 2.16 2.62 3.20
673 245 2.81 3.19 3.85 488
Xco%
598 1.85 2.06 2.20 248 2.60
623 3.29 3.54 3.77 4.19 4.42
648 5.57 595 6.13 6.31 6.44
673 7.91 8.26 8.41 8.15 7.60

P=120 kPa, H,/CO, = 0.50/1
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Appendix B Calculation of the Effects of Mass Transfer and Heat Transfer

Bl Calculation of effect of mass transfer

Component properties
CH, H,0 60) CO; H,
Molecular weight 6.043 18.015 28.010 44010 2016
Critical temperature Tc, K 190.6 647.3 132.9 3042 333
Critical volume, V¢ cm®/mol 99 56 93.1 94 65
Molecular diffusion volume (3" v) 24.42 12.7 18.9 269  7.07

Basic conditions:
reaction temperation T=3823 K, reaction pressure P= 120 kPa

catalyst weight ~ Wey=.3 g=3x 10* kg steam/methane/hydrogen=4/1/1

methane conversion X cr, = 0.4353 conversion of methane into CO,, X, co, =3742
methane flow rate Feue= 31.05 cm®/min =2.3103x 10°® kmol/s

diameter of catalyst particle d;=0.15 mm=0.00015 m

solid density of catalyst  p,=2121 kg/m’

bed density of catalyst ps= 1055 kg/m3

outer surface of catalyst a,=18.86 mz/kg

reactor cross section area  Ag=7.536 x 10" m?

composition of bulk phase: ycus = .1244, ymo =.5655, Yco= .0045,

Veor=.0272, yi= 2784

The total mass flow rate Fy= Feug (Mopet Mip) + 4 FeuaMino

=2.079x10% kg/s



The mass flow rate, G= Fi/Ax
=0.0276 kg/m’s

The average molecular weight is calculated by
5
Mave= Z yM,
i=1

=14.07
The density of bulk phase ps, obtained from

= ___ae "'~ "t
P 224 T 100

=0.249 kg/m’

Methane diffusivity D in bulk phase is calculated by following equations:

1/2
0.00001><T1-75[L+_1_J

D, = M,
P:((Zv):;s +(Zv jl;)Z
‘Dim - l_yi
i
j#i D.;,-

Substituting data in equations given above,

Da=1.61 x 10 m%s

Mixture viscosity:

216

The viscosity of pure component is approximated with the Bromley-Wilke (1951) equation:

_3.33x10°(M,T,)"

i 2/3
Va

JS(.33T)

where Ti= l
T Ci



0.261
and f(1.33T,) =1.0587,%

The mixture viscosity is obtained from

= > myM?
" ZyiMiUz

=2.45x10° kg/m s

The above results are used to calculated the mass transfer coefficient:

Sc=—Hm_~0.6109
prAm

dG
R_=-—-%—=0.1691

ep

Hom
2
ko = ——&,ﬂs——i&: 3=0.3349 m/s

The criterion for the external mass transfer:

CCH,,b —CCH4S _ FCH,,XCH,,

Cctl.b aschCH,bW

cat

=.0024

- (1.9T.)0'915(1'9T")

217

The value obtained for the percentage of reduction of methane across the film is negligible

and it is concluded that the experiments during methane steam reforming were free of

external mass transfer effects.
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B2 Calculation of effect of heat transfer

The temperature difference between the bulk phase and the catalyst surface can be

calculated by using the following equations:

1) 7 -7, = e CAH)
ha,
() T-T, = .j_d(.l?f_)zls CAHYC o —Cys)
' Ja\Sc p fC om
where 7 = 1.10GC,,

— , heat transfer coefficient, kJ/m* s K
Pr¥(Re, "~ 0.15)

Cpm= mixture specific heat, kJ/kg K

AH= total reaction heat of complicated reaction, kJ/kmol CHs4
ja = mass transfer j factor

jn = heat transfer j factor
Pr = Prandti number, pm Com/Am

Am=thermal conductivity of mixture, kJ/m s K

The mixture specific heat

4
The specific heat of component i, Cy; = > 4,77, kJ/kmol.
=0

Then, the value of the mixture specific heat Cpr, is calculated by
Con= D ¥,C i Mave

=284 kI/kgK

The reaction heat AH:
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For complicated steam reforming, the total reaction heat per mole methane converted can

be calculated as follows:

X
CO . .
Let S, =——", the reaction can be considered
CH,

CHa + (14 S¢p, ) H2O =S¢y, CO; + (1-8o, ) CO+ (3+Sc0,) He
Then,
AH" = (1= S0, )AH o 508 + Sco, AH ¢, 20+ B+ Sco, JAH 4, 205 = AH oy, 208 = (1+ S0, )AH 1 6 208

=170671kJ/kmol

AC, =(A=8:0,)C, . +Sco,Crico, 3+ Sco, )Ce, o CP,C;.]‘ = (1+S5:0,)C,

p.co H,0

So we can obtain

AH=AH" + [ AC,dT =189904 kJ/kmol

The mixture thermal conductivity

The thermal conductivity of component i is determined by the Eucken equation

4 5(C, +1037))
1 M

3

and the mixture thermal conductivity is obtained

1 _ZyiA’iMill3
=T

=1.073 x10* kJ/m s K

The preceding results are used to calculate the heat transfer coefficient.

Pr= Cprmum

A

m
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_2.84x245x 1078

=0.648
1.073x107*

Thus

_ 1.10x0.0276x2.84
0.648°{0.1691°* —0.15)

= 0.3465 kJ/m®* s K

Therefore, the temperature difference between the bulk phase and the catalyst surface can
be estimated by the equations (1) and (2).
From the equation (1)

I -T,=-97K
From the equation (2)

T -T,=-1.03 K
The near same values are obtained from the two equations. The small temperature
difference is compared to the reaction temperature used. This indicates that the resistance of

heat transfer is very small and the effect of temperature difference could be neglected in

present study.
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APPENDIX C: PROGRAM FOR THE PARAMETER ESTIMATION OF
INTRINSIC KINETIC MODEL FOR METHANE STEAM REFORMING

aaoaoaoaaaoaaaoaaaaaaqn

10

20

30

w v v

W

A(i,j), Al(i,j)——- Martix used in the Gauss-Newton method
F(i,j)---Auxiliary function used in the Gauss-Newton method
Fl(i)-=---Functions used in the Gauss-Newton method
FFl(i)---Functions used in the Gauss-Newton method
K(i)--=—- Parameter to be estimated

KE1l,KE2--Equilibrium constants

M1l (i)---Ratio of water vapour to methane

Ml2-—-=—=~- Ratio of hydrogen to methane

P(i,j)---Partial pressure of component i

PT (i)----Total pressure of reaction

R(i,j)---Experimental reaction rate

RC(i,j)--Extimation reaction rate

X(i,j)---Molar fraction of component i

REAL A(6,7),Al(6,7),F(2,6),FF1(2),F1(2),K(6),K0(06)
REAL M11(29),P(5,29),PT(29),R(2,29),RC(2,29),X(2,29)
REAL KE1,KE2,M12,M13

F FUNCTIONS
FUl(Pl1l,P2,P3,P4,P5,PAl,PA2,PA3,PA4,PAS5,PAG, kel, ke2)=(pal*pl*
p2%* (.5) /p5** (2.5%.5) * (1-p3*p5**3/pl/p2/kel) +pa3*pl*p2*+*
(2*.5) /p5** (3.5*%,5)* (1-p4*p5**4/pl/p2**2/ke2/kel))
/ (l4pad*p3+paS*p5**,.5+pab*p2/p5) **2
FU2(P1,P2,P3,P4,P5,PAl,PA2,PA3,PA4, PA5,PA6, kel, ke2)=(pa3*pl
*p2** (2% ,5) /p5** (3.5*.5)* (1-pd*p5**4/pl/p2**2/ke2/kel) +pa2
*p3*p2** (,5) /p5** . 5% (1-p4*p5/p2*p3/ke2))
/ (l4pad*p3+pa5*p5**.5+pa6*p2/p5) **2

N1 :PARAMETER NUMBER,N2:FUCNTION NUMBER,N3:EXPERIMENTS NUMBER

open (unit=1,file='input.da',6 status='old',access=
'sequential’', form='formatted"')

READ(1,*) Al,X,R,mll,pt,K

READ(1,*) N1,N2,N3,T

close (1)

kel=exp (-26830/t+30.114)
ke2=exp (4400/t-4.036)
suml=0

do 10 i=1,n3
suml=suml+r(1l,i)+r(2,1)
rmean=suml/2/n3

DO 20 I=1,2

DO 20 J=1,N3
R(I,J)=R(I,J)/100
CONTINUE

DO 30 I=1,2

DO 30 J=1,N3
X(I,J)=X(I,J)/100

DO 40 I=1,N3

M12=1
M13=M11(i)+M12+1+2*X(1,I)
P(1,I)=(1-X(1,I))*PT(i)/M13
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P(2,I)=(M11(i)-X(1,I)~X(2,I))*PT(i)/M13
P(3,I)=(X(1,I)-X(2,I))/ML3*pt(i)
P(5,I)=(3*X(1,I)+X(2,I)+M12)/M13*pt(i)

CALCULATING MARTIX A

DO 100 I=1,N1

DO 100 J=1,N1+1

A(I,J)=Al1(I,J)

SUM=0

SUM1=0

DO 500 J=1,N3

FF1(1)=FUl(p(1,3),p(2,3),p(3,3),pP(4,3),p(5,7),k(1),K(2),K(3)
,k(4),k(5),k(6),kel, ke2)

FF1(2)=FU2(p(1,3),p(2,3),p(3,3),pP(4,3),p(5,]),k(1),K(2),K(3)
+k(4),k(5),k(6),kel, ke2)

RC(1,J)=FF1(1)

RC(2,3)=FF1(2)

F1(1)=R(1,J)-FF1(1)

Fl1(2)=R(2,J)-FF1(2)

f11=ff1 (1) -rmean

£12=ff1(2)~rmean

suml=suml+f11*£11+£12*£12

SUM=SUM+F1 (1) *F1(1)+F1(2)*F1(2)

CALCULATING MARTIX J,CAL DIFFERENTIATION BY DIFFERENCE METHOD

DO 200 I2=1,N1

K(I2)=K(I2)*1.02

F(1,I2)=(FUl(p(1l,3),p(2,3).,p(3,3),p(4,]3),p(5,]),K(1),K(2),K(3)

L,k(4),k(5),k(6),kel, ke2)-FF1(1))/(0.02*K(I2))
F(2,12)=(Fu2(p(1,3),p(2,3),p(3,3),pP(4,]),pP(5,3),K(1),K(2),K(3)
,k(4),k(5),k(6),kel, ke2)-FF1(2))/(0.02*K(I2))

K(I2)=K(I2)/1.02

CONTINUE

DO 300 Il1=1,N1

DO 350 J1=1,N1

DO 400 I2=1,N2

A(Il1,JdJ1)=A(I1,J1)+4F(12,I1)*F(I2,J1)

CONTINUE

DO 450 I2=1,N2

A(I1,N1+1)=A(I1,N1+1)+F(I2,I1)*F1(1I2)

CONTINUE

CONTINUE

ftest=suml/4/ (sum/ (2*n3-5))

SOLVING LINEAR EQUATIONS,GAO SI XUAN ZU YUAN METHOD
D IS A FIXED DAMPING FACTOR
D=.05

DO 1000 I=1,N1
A(I,I)=A(I,I)+D

DO 1100 I=1,N1

AKK=ABS (A(I,I))

Jl=I

DO 1200 K1=I+1,N1
IF(ABS(A(K1,I)).GT.AKK)THEN
AKK=ABS (A(K1,I))

J1l=K1

ENDIF

CONTINUE

DO 1300 K1=I,N1l+l
EM=A(I,Kl)
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A(I,K1l)=A(J1,K1)
A(J1,K1)=EM
AKK=A(I,I)

DO 1400 K1=I,N1+1
A(I,K1l)=A(I,K1l)/AKK
DO 1500 Il=1,N1
IF(I1.EQ.I) GOTO 1500
DO 1600 K1=I+1,N1+1
A(I1,K1)=A(Il,K1)-A(I1,I)*A(I,K1)
CONTINUE

CONTINUE

DETERMINING STEP LENGTH, PO IS INITIAL STEP LENGTH

P0=0.1

DO 2100 I=1,N1

KO (I)=K(I)+PO*A(I,N1+1)

SUM1=0

DO 2200 J=1,N3

F1(1)=R(1,J)-FUl(P(1,J),P(2,J),P(3,J),P(4,J),P(5,J),K0(1)
,K0(2),K0(3),K0(4),KO0(5),K0(6),KEL, KE2)

Fl(2)=R(2,J)-FU2(P(1,J),P(2,J),P(3,J),P(4,J),P(5,J),K0(1)
,K0(2),K0(3),K0(4),KO0(5),KO0(6),KEL, KE2)

SUM1=SUM1+FL (1) *F1 (1) +F1 (2) *F1(2)

IF(SUML1.LT.SUM) GOTO 2600

PO=P0/2.

If(p0.1t..00005) goto 2600

GOTO 2500

STEP LENGTH IS OK

SUMO=0

DO 3000 I=1,N1

SUMO=SUMO+ABS (A(I,nl+1)/K0(I))
IF(SUMO.LT..01) GOTO 4000

DO 3200 I=1,6

K(I)=KO(I)

GOTO 5000

WRITE(*,*)'RC(1,i),R(1,i),RC(2,i),R(2,i)"

DO 6000 i=1,n3
WRITE(*,*)RC(1,i),R(1,1i),RC(2,1i),R(2,1i)
WRITE(*,*)'KO(1),K0(2),K0(3)',K0(1),k0(2),k0(3)
WRITE(*,*)'KO(4),K0(5),K0(6)"',K0(4),k0(5),k0(6)
WRITE(*,*) 'suml, sum0, ftest', suml, sum0, ftest
END
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